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Abstract

The mass transport in a liquid/liquid slug-flow micro-capillary reactor is clarified
by means of the investigation of the local mass transfer at the free interface. The
transient mass transport is modeled based on the steady-state two-phase flow in a pe-
riodic element, with and without second-order chemical reaction, for dilute solutions
and taking axial dispersion through wall film into account. An interface-tracking
method is used for the direct numerical simulation of the mass transfer at the free
interface. Therefore, separate phase-fitted and coupled computational domains are
arranged on both sides of a numerically generated steady-state interface, computed
with an existing simulation model. Numerical diffusion is minimized by means of the
local alignment of the numerical mesh with the flow close to the free interface of the
phase fitted and spatially highly-resolved computational domains. The steady-state
two-phase flow and the transient mass transport are simulated one after another.
Two mass-transfer test systems, a physical and a reactive test system, are selected
and examined experimentally as basis for the validation of the numerical simula-
tions and the investigation of the local mass transfer at the free interface. Results
show, that the spatial distribution of the mass flux at the free interface is mainly
determined by the Péclet number, i.e. the ratio of convection to diffusion. The flow
through the wall film intensifies the local mass transfer and the transport between
the solvent bulks for large Péclet numbers. For a large global ratio of convection
and diffusion, more than 80% of mass is transferred through the wall film and the
transfer at the caps is small. Furthermore, the local ratio of convection and diffu-
sion inside the thin wall film, captured by a wall-film Péclet number, correlates with
the spatial distribution of the mass flux at the free interface. An optimal average
channel-velocity is derived.



Zusammenfassung

Der Stofftransport in einer fliissig/fliissig Pfropfenstromung in einem Mikrokapillar-
reaktor wird aufgeklédrt anhand der Untersuchung des lokalen Stofftransfers an der
freien Grenfliache. Der transiente Stofftransport wird auf Grundlage der stationdren
Zweiphasenstréomung in einem periodischen Element, mit und ohne chemische Reak-
tion zweiter Ordnung, fiir verdiinnte Losungen und unter Beriicksichtigung axialer
Dispersion durch den Wandfilm modelliert. Eine Interface-Tracking Methode wird
fiir die direkte numerische Simulation des Stofftransfers an der freien Grenzflidche
genutzt. Separate, formangepasste und gekoppelte Rechengebiete werden dazu um
eine importierte stationdre und numerisch generierte Grenzfliche angeordnet, erzeugt
durch ein vorhandenes Simulationsmodell. Numerische Diffusion wird durch Ausrich-
tung der numerischen Rechennetze mit der Stromung nahe der freien Grenzflédche der
ortlich hoch aufgelosten Rechtengebiete minimiert. Die stationdre Stromung und der
transiente Stofftransport werden nacheinander simuliert. Die experimentelle Untersu-
chung zweier Stofftransport Testsysteme, einem physikalischen und einem reaktiven
Stoffsystem, dient als Grundlage fiir die Validierung der numerischen Simulationen
und zur detaillierten Untersuchung des lokalen Stofftransfers and der freien Grenz-
fliche. Die Ergebnisse fiir die untersuchten Stoffsysteme zeigen, dass die ¢rtliche Ver-
teilung des Stoffstroms durch die Grenzfliche mafigeblich durch die Péclet Zahl, d.h.
das Verhéltnis von Konvektion zu Diffusion, bestimmt wird. Die Stréomung durch den
Wandfilm intensiviert den lokalen Stoffdurchgang und den Transport zwischen den
Kernbereichen der Phasen fiir grofie Péclet Zahlen. Fiir ein grofies globales Verhéltnis
von Konvektion zu Diffusion, werden mehr als 80% der gesamten Stoffmenge durch
den Wandfilm tibertragen und der lokale Transfer an den Kappen ist klein. Weiter
korreliert das lokale Verhéltnis von Konvektion und Diffusion im diinnen Wandfilm,
beschrieben durch eine Wandfilm-Pécletzahl, mit der lokalen Verteilung des Stoff-
stroms an der freien Grenzfliche. Eine optimale mittlere Kanalgeschwindigkeit wird
abgeleitet.
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... Wenn aber dieses alles moglich ist, auch nur einen Schein von Méoglichkeit hat, -
dann muf} ja, um alles in der Welt, etwas geschehen. Der Néchstbeste, der, welcher
diesen beunruhigenden Gedanken gehabt hat, mulanfangen, etwas von dem
Versdumten zu tun; wenn es auch nur irgend einer ist, durchaus nicht der
Geeignetste: es ist eben kein anderer da. Dieser junge, belanglose Auslénder,
Brigge, wird sich fiinf Treppen hoch hinsetzen miissen und schreiben, Tag und
Nacht. Ja er wird schreiben miissen, das wird das Ende sein.

Malte Laurids Brigge
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Introduction

Arising from the advancements in manufacturing technologies, cf. Ehrfeld et al. (2005), the
miniaturization of characteristic length scales determines actually one promising possibility for
the intensification of technological processes and their economical and technological improve-
ment, cf. Kockmann (2008). Such apparatus, the so-called micro reactors, are defined by
continuous flow through regular domains with characteristic dimensions much smaller than in
conventional apparatus, cf. Hessel et al. (2004). The shortend transport length result in en-
hanced specific transport performances and advanced process control compared to conventional
apparatus, cf. Jensen (2001) or van Gerven and Stankiewicz (2009).

The two-phase slug flow provides an especially advantageous ratio of process control to intensifi-
cation, cf. Kohler and Cahill (2014). The stable and reproducible segmented flow structure, cf.
Dittmar and Ehrhard (2013), guarantees a narrow residence-time distribution, cf. Gekle (2017),
and shear-induced vortices intensify cross-mixing, cf. Bringer et al. (2004), in conjunction with a
large specific interfacial area, cf. Ghaini et al. (2010). Following, the slug flow is especially useful
for the performance of mass-transfer-limited processes, like in liquid/liquid systems, cf. Kashid
et al. (2011). The application of the flow pattern in conjunction with economically produced
micro capillaries with circular cross-section results in an adaptive and efficient micro reactor
with high productivity, cf. Lomel et al. (2006).

The present contribution concentrates on the investigation of the mass transport within a lig-
uid/liquid slug-flow micro-capillary reactor with and without influence of a chemical reaction.
The spatial resolution the mass transfer at the free interface provides insight into the mass
transport. The effective use of the free interface and in particular the role of the wall film within
transfer process are examined. The local ratio of convection and diffusion inside the wall film is
identified as crucial parameter for mass-transfer operations. Further, an optimal average channel
velocity is derived.
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1.1 Problem definition

In the present work, the mass transport within a liquid/liquid slug-flow micro-capillary reactor
is examined. The slug flow consists of a continuous wetting phase (index ¢) and a disperse phase
(index d), confined by a flow channel, i.e. a straight micro capillary with diameter d. The flow
is driven by a pressure gradient Vp. A cylindrical coordinate system (7“, ©, z), with velocities
(wr,ww, wz), is used for the description of the system. The two-phase flow is sketched in the

@z d Vp

Aw,
WO- phase flow O disperse contlnuous

zZ,w IF
z dc T

IFTm,

mass transfer ¢
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Figure 1.1: Problem sketch: liquid/liquid slug flow in a micro-capillary reactor.

upper half of figure 1.1 on basis of an observer moving with a velocity of the disperse phase w, 4.
The shear-induced vortex structure that results from the velocity difference Aw, of the phases.
The phases act as solvents for a low concentrated solute A, that is transferred from the raffinate
(index r, concentration ¢, 4) into the extract solvent (index e, concentration c.4) at the free

interface (IF, specific area a). The mass flux at the free interface ¢ Ime = MJI[F’T’" / Ve, with

MjF’Tm being the molar flux, transferred during the mass-transfer time 7,,,, and V,. the volume
of the raffinate solvent, can be enhanced by an irreversible chemical reaction with a second low
concentrated solute B (concentration c. g) inside the extract solvent, see figure 1.2. The mass
transport is advantageously characterized in the present context by the volumetric mass-transfer
coefficient and its spatial distribution at the free interface

IF‘rm IFTm
oA de,

— 1.1
Acain ACAzn /dka (1.1)

The volumetric mass-transfer coefficient relates the mass flux at the free interface ¢ AT’" to the

ka =

driving mean-logarithmic concentration difference Acy i, see figure 1.2. By differentiation the
local volumetric mass-transfer coefficient d(ka) can be obtained, based on the local mass flux
dc'iil’ﬂ" that is transferred at the differential element of specific interfacical area da. Spatial
resolution of the mass flux at the free interface allows to study the mass transport within the
slug-flow micro-capillary reactor.

c
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. ITF\m, IFTm
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Figure 1.2: Problem sketch: schematic mass transfer at free interface.
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1.2 Objective and outline

This thesis contributes to the understanding of the mass transport within a liquid/liquid slug-
flow micro-capillary reactor by means of direct numerical simulation. The main goals are:

e Derivation of a model for the investigation of the mass transport, with and without chem-
ical reaction, and its spatial resolution.

e Development, implementation, and validation of a numerical method that allows for the
simulation of the spatially-resolved mass transport and in particular the local mass transfer
at the free interface.

e Clarification of the mass transport within the liquid/liquid slug-flow micro-capillary reac-
tor.

This thesis is structured as follows: Problem definition and objective build the framework for the
review of the current state of research in chapter one. In chapter two, a model for the description
of the mass transport is set up and scaled. The used interface-tracking method and the related
developed computational approach are presented and investigated by numerical tests, in chapter
three. In chapter four, the experimental investigations in conjunction with two mass-transfer
test systems are described. The experimental obtained volumetric mass-transfer coefficients are
compared to the specifically adapted numerical simulation results. The spatial distribution of
the mass transfer at the free interface, the influence of relevant parameters, and the underlying
mass transport are examined for the selected mass-transfer test systems in chapter five. The
thesis is summarized and an outlook to future developments is given in the last chapter.

1.3 Literature review

First, the slug-flow micro-capillary reactor, consisting of the reactor setup, the slug flow, and
the determination of the volumetric mass-transfer coefficient, is introduced. Then the local mass
transfer at the free interface within the slug flow is discussed. Additionally, methods for the
direct numerical simulation of the mass transfer at free interfaces are presented.

1.3.1 Slug-flow micro-capillary reactor

Slug-flow micro-capillary reactor is a compound designation, cf. Jovanovic (2011), for the use
of the micro-capillary reactor concept in conjunction with the two-phase slug flow for process
engineering applications. The micro-capillary reactor belongs to the class of micro channels,
cf. Kashid et al. (2015), characterized by a reactor length [,., that is much larger than the
hydraulic diameter d of the flow channel, i.e. [, > d, schematically sketched in figure 1.3.
Burns and Ramshaw (2001) show the advantages of the slug flow in conjunction with rapid mass-
transfer limited liquid/liquid reaction systems, such as nitrations, hydrogenations, sulfonations,
oxidations, or catalytic reactions, cf. Jovanovic (2011). Dummann et al. (2003), Ahmed et al.
(2006), Kashid et al. (2007b), Fries et al. (2008), Dessimoz et al. (2008), Ghaini et al. (2010),
Jovanovié et al. (2012), Scheiff (2015), Kurt et al. (2016), and Plouffe et al. (2016) for example
prove these advantageous process properties. The stable and reproducible process, cf. Dittmar
(2015), with defined flow conditions, cf. Ehrfeld et al. (2005), offers enhanced process safety,
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cf. Kiwi-Minsker and Renken (2005), a narrow residence-time distribution, cf. Muradoglu et al.
(2007), large specific interfacial areas, cf. Ghaini et al. (2010), and large volumetric mass-transfer
coefficients, cf. Burns and Ramshaw (2001), in conjunction with a large amount of cross-mixing,
cf. Bringer et al. (2004), at low energy consumption compared to other two-phase flow patterns
in micro reactors, cf. Triplett et al. (1999). Overviews focusing on mass transfer are provided by
Kashid et al. (2011), Sobieszuk et al. (2012), Assmann et al. (2013), and Sotowa (2014) taking
also the case of a gas/liquid slug flow into account, that has found more scientific attention so
far.

Two-phase micro-capillary reactor

The micro-capillary reactor is characterized by a modular structure, consisting of low-cost cap-
illaries and junctions with especially a circular cross-section, made of glass, stainless steel or
chemically resistant polymers such as Poly-Ether-Ether-Ketone. In consequence a significantly
lower manufacturing effort compared to chips or micro-structured micro channels results, cf.
Nielsen et al. (2002) or Dummann et al. (2003). The basic structure of a continuously working
co-current mass contactor is present for multiphase applications, cf. Perry et al. (1997), see
figure 1.3, consisting of units for the generation, the residence-time, and the separation of the
multiphase flow. In contrast to the direct meaning of the prefix micro, capillary diameters in
the range 1072 mm < d < 10° mm, cf. Lomel et al. (2006), are mainly used, in conjunction with
volumetric flow rates in the range of 10~® ml/min < V < 10" ml/min, cf. Jovanovic (2011).
This gives an advantageous ratio of process intensification, manufacturing costs, and pressure
drop, cf. Baltes et al. (2008). Lomel et al. (2006) show that the productivity of a micro reactor
is mainly characterized by the ratio of throughput and pressure drop. The pressure drop is
mainly influenced by the volumetric flow rate and the reactor length, that is a crucial parameter
for an economic system design, cf. Triplett et al. (1999).

The generation unit consists of two reservoirs in combination with syringe or piston pumps, steer-
ing the feed of the continuous and the disperse phase, and a mixing junction for the generation of
the slug flow. Different geometrical arrangements of the junctions are used, e.g. summarized by
Tsaoulidis (2015) and Mansur et al. (2008). Most common is the use of T-junctions in a counter-

generation unit . residence-time unit separation unit

d
pump .
reservolr =
mixing junction splitter

: ACA

> _ vessel
Z = T W,

lre

Figure 1.3: Basic modular structure of the examined slug-flow micro-capillary reactor, consisting
of a generation unit, a straight residence-time unit, with circular cross-section and a separation unit,
emphasizing the continuous mode of operation.
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flow or cross-flow arrangement, cf. Garstecki et al. (2005), Dessimoz et al. (2008), Salim et al.
(2008), Y-junctions, cf. Kashid and Agar (2007), Tice et al. (2003) or co-flow arrangements, cf.
Foroughi and Kawaji (2011), Dreyfus et al. (2003). Also for example a mixing junction with
variational cross-section has been proposed, cf. Kaske et al. (2016).

The residence-time unit, subsequent to the generation unit, ensures the residence time for the
desired process operations, involving mass transfer in the present context. In the present con-
tribution, a straight capillary tube with circular cross-section of diameter d is present, also
representing the most common appearance so far, e.g. used by Irandoust et al. (1992), Bercic
and Pintar (1997), Dummann et al. (2003), Kashid and Agar (2007), Ghaini et al. (2010), or
Sotowa (2014). Also other geometrical channels arrangements such as meandering, e.g. Dum-
mann et al. (2003), Dessimoz et al. (2008), Okubo et al. (2008), or helical, cf. Kurt et al. (2016)
channel arrangements or even more complex structures, cf. Aoki et al. (2011), have been used.
Further, different cross-sections, such as rectangular, cf. Burns and Ramshaw (2001), Okubo
et al. (2008), Dessimoz et al. (2008), or trapezoidal shapes, e.g. Kashid (2011), have been used.

Downstream exists the separation unit, where the splitting of the two-phase flow into single
fluid streams is performed. Both streams are collected in storage vessels or used for subsequent
process operations. Tsaoulidis (2015) and Scheiff et al. (2011) summarize the different mecha-
nisms for the phase separation to gravity, centrifugal forces, and wetting. The flow separation
by gravity and centrifugal forces need longer time scales than using capillary or wetting forces.

In operation two immiscible phases are fed at constant volumetric flow rates of the continuous
or the disperse phase V. and V into the mixing junction. The generation of the multiphase flow
is passively controlled by the ratios of acting forces. The slug flow is transported through the
residence-time unit with a total volumetric flow rate of Vtot = Vd—l—Vc and separated at the end of
the reactor. The phases act as solvents for solutes A and B, with the initial concentrations 027 4
and 0273. The transfer process is induced as the solvents get into contact, the actual driving con-
centration difference Acy is decreased along the reactor axis, corresponding to a mass-transfer
time 7,,, with actual mass flux éii{Tm at the free interface, and the transfer process halts as the
solvents are completely separated, see figure 1.3. The overall process is characterized by the

mean-logarithmic driving concentration difference Acyg , and the interfacial mass flux C'Z{T’”.

Slug flow

The slug flow is one of four stable flow pattern occurring in micro channels, cf. Dreyfus et al.
(2003). It is defined as regular laminar flow of alternating segments, with a length-to-diameter-
ratio bigger than one, of two immiscible fluid phases at comparable volumetric flow rates, that
is dominated by interfacial tension while the continuous phase wets the capillary walls and
encloses the disperse phase completely, considering a wall film and the occurrence of shear-
induced vortices, cf. Kohler and Cahill (2014), as introduced in figure 1.1.

The occurrence of the slug flow depends on the ratio of acting forces during the generation
process. In particular, it is influenced by the geometry of the mixing element and the flow
channel in conjunction with the flow parameters of the two-phase system, cf. Christopher and
Anna (2007). The flow regime inside a micro channel can be expected to be laminar, cf. Jensen
(1999), Giinther and Jensen (2006), or Kashid et al. (2015). Further, unambiguous wetting
of the fluid phases at the channel walls is present, c¢f. Wegmann and von Rohr (2006), i.e. a
defined separation into continuous and disperse phase is present, cf. Zorin and Churaev (1992).
Also configurations are known where both fluids wet the channel walls, cf. Che et al. (2011),
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that are not further considered here. Due to the small diameter and the related large interfacial
curvatures, the influence of gravity is rather weak, cf. Bretherton (1960), Kreutzer et al. (2005b),
Jovanovic (2011). Hence, the flow behavior is governed by the ratio of viscous and interfacial
forces, cf. Afkhami et al. (2011), captured by the capillary number

(1.2)

The dimensionless group relates here the average channel velocity w,, characterizing the two
phase flow, cf. Suo and Griffith (1964), to the dynamic viscosity p and the interfacial tension o.
The average channel velocity can be calculated to w, = f/}ot / AP , with the total volumetric flow
rate Vtot = Vc—i—Vd and the cross-sectional area AP of the capillary. A threshold of Cay,qq ~ 1071
for the occurrence of the slug flow, cf. Kashid et al. (2015), results from the required dominance
of the interfacial tension. Larger capillary numbers, e.g. at larger volumetric flow rates lead to
a break up of the multiphase flow, since the interfacial tension does not dominate anymore, cf.
Zhao et al. (2006). A typical magnitude of the capillary number Ca ~ 1072 can be assumed
for the slug flow, according to Dittmar (2015), Afkhami et al. (2011), Sarrazin et al. (2006), all
in good agreement with Baltes et al. (2008). The multiphase flow is obviously stable for lower
volumetric flow rates and average channel velocities. Hence, an average volumetric channel
velocity of W, ~ 1072 m/s can be derived for liquid/liquid systems as typical value, based on
magnitudes for the liquid density of o ~ 103 kg/ m?, the dynamic viscosity of p ~ 1073 kg/(ms),
and the interfacial tension of o ~ 1073 kg/s, cf. Perry et al. (1997).

The generation process is sketched in figure 1.4a, based on a T-junction mixing element in a
cross-flow arrangement, according to Hoang et al. (2013). The disperse phase enters the axial
flow of the continuous phase, is bent into the axial direction, and sheared or squeezed off, cf.
de Menech et al. (2008). The ratio of volumetric flow rates

o Ya (1.3)

Ve

is in the typical magnitude of V ~ 1, ¢f. Christopher and Anna (2007). If the volumetric flow
rate of the disperse phase becomes small compared to the volumetric flow rate of the continuous
phase, the disperse phase cannot occupy the whole cross section and the flow develops towards
a bubbly flow. Changing the ratio into the other direction results in a churn flow, as the wetting
of the continuous phase is not maintained throughout the channel, cf. Triplett et al. (1999).

The length of the generated periodic element [,., with a length of the disperse phase of 4,
depends on the generation process in conjunction with the geometry of the mixing element and
the flow parameters. Garstecki et al. (2005), Kreutzer et al. (2005b) or Hoang et al. (2013) for
example set up empirical correlations for the dimensionless periodic element length

l
Lpe = %. (1.4)
Periodic element lengths in the range of 2d < [, S 10d in dependence to the geometric ar-
rangement of the mixing junction are mainly observed. A periodic element length of L, ~ 4 is
assumed as typical value here.

The developed slug flow inside the residence-time unit is shown in figure 1.4b. A thin wall

film of the continuous phase is present between the disperse and the channel wall with local

lWF

height h(z) and average height h, averaged over a length of the wall film , see figure 1.4b.
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_ 1 /
Wyp = Wy p dV. 1.8

The volume fraction of the disperse phase is here defined by a phase function 6 (r, ¢, z, 7), inside
a reference volume Vs, i.e. the reactor or a periodic element. Here, 6 = 1 is in the disperse
phase and § = 0 in the continuous phase and the average phase velocity w, , with p = ¢, d, also
shown figure 1.4b. The volumetric flow rates of the phases and the average phase velocities are
further related by the volume fraction, cf. Oertel (2008), to

<d @z,d
1- Cd @z,c

V= (1.9)
Charles (1963) shows, that the average wall-film thickness A is the key parameter for the de-
scription of the ratio of the phase velocities and the velocity difference Aw, = w,q—w,. The
correlation approach by Fairbrother and Stubbs (1935) is based on the capillary number of the
disperse phase, working also for liquid/liquid systems, cf. Taylor (1961), given to

AW, = 22402 _ ggl/2, (1.10)
Wy

It can be used to estimate the velocity difference in dimensionless form. For a capillary number
of Cag = 1072, the disperse phase velocity is about 10% higher than the average channel veloc-
ity.
Following from continuity, the different phase velocities cause unequal residence times of the
disperse and the continuous phase in a micro channel. This causes axial dispersion inside the
continuous phase. The magnitude of the relative flux through the wall film between two con-
tinuous segments is characterized by the velocity difference Aw,, cf. Dittmar (2015). The
investigations of Thulasidas et al. (1999), Muradoglu et al. (2007), Gekle (2017), Pedersen and
Horvath (1981), and Arsenjuk et al. (2016), show all a strong dependence to the average channel
velocity, directly related to equation 1.10. In general the effect appears to be weak compared to
other two-phase flows in micro channels.

The flow topology of a periodic element in steady-state is shown in figure 1.4b, following Dittmar
(2015), for a flow channel with circular cross-section and a frame of reference moving with the
velocity of the disperse phase. The shown flow topology is in good accordance to Miessner et al.
(2008), Hazel and Heil (2002), or Afkhami et al. (2011). The disperse flow structure and the
related difference of the phase velocities results in the shown shear-induced flow structure in
relation to the low capillary number, cf. Taylor (1961) or Magnaudet et al. (2003). Hence, the
disperse phase is governed by three toroidal vortices, a front vortex (FD), a main vortex (MD),
and a back vortex (BD), see upper half of figure 1.4b. The continuous phase consists of one closed
flow structure, i.e. the toroidal main vortex (MC), and the flow through the extended wall film
(EWF). The shown directions of rotation of the vortices result from the kinematic constrictions
in relation to the moving wall in the frame of reference. The flow topology can be described by
its singular points (X) that appear in the vortex centers and at the free interface, cf. Dittmar
(2015), see lower half of figure 1.4b. The positions of the saddle points (SF, SB) are especially
emphasized here, that separate the closed flow structures of both phases. Dittmar (2015) shows
further, that the appearance of the flow topology is mainly controlled by the capillary number
of the continuous phase Ca, and the viscosity ratio fi = ugq/pe. For large capillary numbers,
the ratio of vortices can change and the vortex in the back can become weak, cf. Taylor (1923)
or Miessner et al. (2008). Further the main vortex can decompose into two sub-vortices, e.g.
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shown by Scheiff (2015) and Dittmar (2015).

The appearance of the free interface, also shown in the lower half of figure 1.4b, is directly related
to the flow topology, cf. Dittmar (2015). Bretherton (1960) separates the interface into five por-
tions based on its geometrical appearance of the free interface. The portions consist of a straight
wall film, spherical caps, and transition regions. In contrast, Thulasidas et al. (1997) uses the
flow topology to separate the interface into wall film and caps, defined by the saddle points at
the front (SF) and the back (SB) of the free interface, see lower half figure 1.4b. The idea is
taken over by Kreutzer et al. (2005a), Taha and Cui (2006) and Roudet et al. (2011) for the
definition of the wall film and the wall-film portion of specific free interface a"V'*" and the caps,
consisting of the front a’” and the back a?, as well as the corresponding volume of the wall film

VWFE "in between the saddle points, and the extended wall film VEWF

. For very low capillary
numbers, i.e. Ca. < 1073, the free interface can further be approximated by a cylindrical body
with spherical caps, proposed for gas/liquid systems by Giavedoni and Saita (1999) and being in
good relation to Bretherton’s theory. In this case the saddle points (SF, SB) of the flow topology
coincide with the transitions of the cylindrical body to the spherical caps in good approxima-

tion. The position of the saddle points can also be used to define the length of the wall film ["V'F".

The flow topology can be influenced by surface active agents or strong temperature gradients
resulting in tangential stresses at the free interface, called Marangoni stresses, cf. Marangoni
(1871). Anna (2016) summarizes the related effects, showing especially influences to the gener-
ation and the flow topology. The effect is not further considered here.

Volumetric mass-transfer coefficient

The mass transfer at the free interface is a transient process that is driven by the actual con-
centration difference Acy and controlled by molecular diffusion in the liquid/liquid system. The
process is described from the basic approach, see e.g. Lewis and Whitman (1924), to

¢4 = Kalcg. (1.11)

The actual mass flux 0'7{51 is related to the actual driving concentration difference Acy by a actual
volumetric mass-transfer coefficient Ka, see figure 1.5. The volumetric mass-transfer coefficient
itself is the product of the actual-overall mass-transfer coefficient K and the specific interfacial
area a. The specific interfacial area a = A/V, is the ratio the absolute interfacial area A to the
total volume of the raffinate solvent V,.. The actual-overall mass-transfer coefficient K summa-
rizes the mass-transfer coefficients of both solvents, i.e. the raffinate and the extract solvent
B, and (., and the distribution coeflicient m, that describes the ratio of the concentrations at
the free interface, and the volume fraction (., compare equation 1.8, here all referenced to the
raffinate solvent, given to

1
K=—4—1-. (1.12)

1
E + mafBe

The presence of Marangoni stresses, due to surfactants and concentration, temperature gradi-
ents, or due to a chemical reaction, can influence the transfer process and therefore the transfer
coefficients on either side of the free interface, cf. Marangoni (1871), Scriven and Sterling (1960),
or Doraiswamy and Sharma (1984). Further, additional resistances to mass transfer may ap-
pear at the free interface, cf. Scriven (1960). The overall mass-transfer coefficient and its value



10 1. INTRODUCTION

raffinate extract
DT,A CT,A De,fla De,B le, A

C
eq,00 Ce,A = eB
v CT A Ce,A

IF: a=A/V,

Tm —> OO
)
o
»

Figure 1.5: Schematic mass transfer at the free interface: Showing relevant parameters for the
description of the volumetric mass-transfer coefficient, including the influence of an instantaneous
second-order chemical reaction, adapted from Doraiswamy and Sharma (1984).

depend on the chosen reference for the system description, i.e. the assignment of the solvents to
the phases, cf. Russell et al. (2008). Here, throughout the thesis, the raffinate solvent is chosen
as reference solvent based on a concentration dependent description.

Some investigations suggest the description of the overall mass transfer coeflicient by addition
of the separately derived transfer coefficients in both solvents, based on investigations of binary
mass-transfer systems, see e.g. Skelland (1985). This approach is not working in general in the
transient mass-transfer scenario, cf. Juncu (2001), and only theoretically for uniform concen-
tration distributions at the free interface. These appear for the limiting cases of a very large
ratio of convection and diffusion or a stagnant fluid phase, i.e. no convection, as shown for the
investigation of the transient mass transfer within spherical droplets, cf. Schulze (2007) or for
the limiting cases of f)ﬂ — 00 rather f?A — 0 with ﬁA = D¢ a/Dea. The ratio of convection
and diffusion in the present application can be estimated by means of the magnitudes of aver-
age channel velocity w,, the diameter d and the diffusion coefficient in liquids D, being in the
magnitude of D ~ 107%m? /s, cf. Lo (1991). The ratio appears as Péclet number to
_wid

Pe= . 1.1
e= 2 (1.13)

The ratio can be estimated to Pe ~ 103 assuming the before derived typical values. Hence,
a convection dominated mass-transfer system is present, with inhomogeneous time-dependent
concentration fields inside both solvents, cf. Harries et al. (2003), Kashid et al. (2007a), or
Ghaini et al. (2010).

The driving concentration difference in the conjugate system appears as difference of the average
concentrations in the raffinate solvent ¢, 4 and the extract solvent ¢, 4, again referenced to the
raffinate solvent with the distribution coefficient my4, given to

ée,J‘l

Acy =Ty — 22 (1.14)
my
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Here, the volumetric average concentration of solute ¢, with ¢ = A, B, in an assigned reference
volume of a solvent Vj ,..r, with s = r, e, see figure 1.5, is defined to

Csj = Vl / Cs,i dV. (1.15)
syref SV pep

The presence of a chemical reaction influences the average concentration of solute A inside

the extract solvent. The reaction rate te 4 = 0 4/0Tm, cf. Levenspiel (2007), describes the

temporal consumption of solute A inside the extract solvent. The influence of a chemical reaction

is therefore also covered by equation 1.14. The enhancement factor

ka(ten > 0)

8 =
ka(be,./l = O)

(1.16)
relates the volumetric mass-transfer coefficient with chemical reaction ka(t. 4 > 0) to the pure
physical volumetric mass-transfer coefficient ka(te 4 = 0), cf. Hatta (1932). The value is a
measure for the influence of a chemical reaction to the transfer process.

The relative progress of the time-dependent transfer process is captured by the extract rate
Fy of solute A, cf. Clift et al. (1978), relating the actual transferred amount of mass to the
maximum transferable amount of mass, cf. Russell et al. (2008), i.e.

0 —
F _ C’I",A - CT7‘A
A — POl
A (1.17)

c 1
eq,00 rA
Cop = 0 -max[l—w;()].
Here, ciqf’loo is the equilibrium concentration in dependence to a chemical reaction for 7, — oo,
that can be derived by a mass balance. The volumetric quotient @ = 1+ [(1 —¢,) /(¢ma)]

and the excess factor ¢ = [(1/3097 A)} / (ngBl/A)(Cr /1 — () appear. The excess factor relates the

chemical reservoir of solutes A and B, taking the initial concentrations cg 4 and 623, the sto-
chiometric coeflicients v4 and v and the volume fraction (. into account.

As described in before, see two-phase micro capillary reactor, the mass flux cfﬂ and the driving
concentration difference Acy decrease along the reactor axis, i.e. with increasing mass-transfer
time 7,,,. Mass transport is a transient process. If the local concentration distribution and
their temporal evolutions inside the solvents are available, the volumetric mass-transfer coeffi-
cient can directly be evaluated from the mass flux c'ffq at the interface and the average solvent
concentrations rather the local mass flux at the free interface to

AF T IF
C 1 Crn 1
ka = "t — nA g —/Kd. 1.18
“ ACA’M Tm ACA m Tm Jr @ @Tm ( )

Tm m

Examples for this approach can be found for spherical rising or falling droplets, cf. Kronig and
Brink (1951) or Newman (1931), and in particular for the slug flow, compare Irandoust and
Andersson (1989), Harries et al. (2003), Shao et al. (2010), Sobieszuk et al. (2011) or Tsaoulidis
and Angeli (2015), evaluating the mass flux at the free interface based on Fick’s law, cf. Fick
(1855).

Further, the volumetric mass-transfer coefficient can be derived from a mass balance at the co-
current mass contactor. The assignment of the raffinate solvent to the continuous phase is used
exemplary for the description of the volumetric mass-transfer coefficient, as shown in figure 1.6.
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It is useful to reference the driving concentration difference Acy to the equilibrium concentration

¢4 in dependence to the progress of a chemical reaction at mass-transfer time 7,,,, adapted

from Russell et al. (2008), to
Acy =Q <CTA - Ciqﬂﬂ") ; (1.19)
L,T)
1 Cod
et — — (cg _ ZeA ) : (1.20)

& = / / e dVdri. (1.21)

The ratio c?y 4/ @ represents the equilibrium concentration for the pure physical mass-transport
system, while the second term c. ,/(Qmy), captures the influence of a chemical reaction to
the transfer process, i.e. a change of the physical equilibrium concentration in dependence to
a chemical reaction. To derive the volumetric mass-transfer coefficient the change of driving

w,,Vp
—

r
Cr A
> U T R RSN - eq,Tm ~3
z CT,A
0
cr,/—l 3
0,eq,7m
CT,A /

Figure 1.6: Mass balance at the co-current mass contractor with assignment of the raffinate solvent
to the continuous phase.

concentration differences at the inlet Ac% 1=Q (cg A~ c?:;q’7m> and current position, i.e. the

current mass-transfer time Ac;” = Q (cr A — crqf’lm>, are balanced with the mean mass flux at

the free interface cﬁim = (1/7m) (ér, A—C A), transferred during the mass-transfer time 7,,.

For a reactor length [, the mass-transfer time is calculated to 7,, = Z/w,, while Z represents
the actual position along the reactor axis. Following, assuming constant volumetric properties,
the volumetric mass-transfer coefficient, cf. Russell et al. (2008), Zhao et al. (2006), Kashid
et al. (2011), or Susanti et al. (2016), appears to

— 0,eq,7m 0 €q;Tm =
0 — — —
Q CrA— CrA (CT,A CT,A) (C’I‘,.A CrA

ka = ————>, with Acgy, = . 1.99
Tm ACfl,ln ' In (62 Aq m CS,A) ( ) )
™M _G
A A
Here, ¢! , and cg’jq’m are the initial concentrations at the inlet, rather the beginning, and ¢, 4

and cffﬁ(’” are the corresponding concentrations at the actual position, rather mass-transfer

time 7,,, and Acgy, is the driving logarithmic-mean concentration difference. The approach
captures the mass-transfer inside the reactor, considering the influence of axial dispersion due
to the unequal residence times of the solvents in the micro reactor result in unequal equilibrium
concentrations CO CTTm L ceq’Tm. Neglecting the effect of axial dispersion and prescribing ideal
plug-flow behav1or, i.e. cgyjq’m = ceqf’(’” is in common practice, cf. Dummann et al. (2003), van
Baten and Krishna (2004), Kashid et al. (2007b), Di Miceli Raimondi et al. (2008), Dessimoz

et al. (2008), or Kurt et al. (2016), since its influence to the evaluation of the volumetric mass-
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transfer coefficient appears to be weak, cf. van Baten and Krishna (2004) and Plouffe et al.
(2016). Accordingly, the volumetric mass-transfer coefficient simplifies to

Q ce(izl’?'m _ COA
Tm CT,A —CrA

The efforts evaluating the mass-transfer performance have been summarized mainly by the
reviews of Kashid et al. (2011), Sotowa (2014), Sobieszuk et al. (2012), and Assmann et al.
(2013). Mvolumetric mass-transfer coefficients that are reported are mainly in the range of
1072 < ka < 1/s, see e.g. Burns and Ramshaw (2001), Kashid et al. (2007b), Fries et al.
(2008), Kashid et al. (2011), Jovanovic (2011), Kaske et al. (2016) or Susanti et al. (2016). Also
extreme values up to ka ~ 10/s can appear for modified systems, c¢f. Assmann and von Rohr
(2011), or very short mass-transfer times, cf. Zhao et al. (2007). The transfer rate consists of a
magnitude of the specific interfacial areas of 103 < a < 105/m, cf. Yue et al. (2007), Di Miceli
Raimondi et al. (2008), Ghaini et al. (2010), Jovanovi¢ et al. (2011) and the related mass-transfer
coefficients 107° < k < 107%m/s, cf. Burns and Ramshaw (2001), Kashid et al. (2007b), Ghaini
et al. (2010), Sobieszuk et al. (2011).

1.3.2 Local mass transfer

Only a few investigations have been performed so far to investigate the local mass transfer at
the free interface and the underlying mass transport in detail. Firstly, Irandoust and Andersson
(1989) derive from numerical simulations, that the wall film provides the largest contribution
to the mass transfer in a gas/liquid flow, related to the flow topology and the shear induced
vortices. Later, Irandoust et al. (1992) set up an idealized theoretical model. The interface
of the slug flow is idealized to a cylindrical body with spherical caps. The model confirms
the previously observed behavior for short mass-transfer times. In contrast, Bercic and Pintar
(1997) derive that the wall film plays a subordinated role due to accumulation of mass inside
the wall film, that hinders the local mass transfer in a gas/liquid slug flow. Accordingly, the
main amount of mass is transferred at the cap regions. A computational model is set up by
van Baten and Krishna (2004) to investigate the mass transfer within a gas/liquid slug flow
with idealized interfacial contour in a circular capillary. The variation of several parameters
suggests, that the liquid film amounts up to 60 — 80% of the overall volumetric mass-transfer
coefficient. Vandu et al. (2005) set up a correlation that takes only the contribution of the wall
film into account. Good agreement with experimental data is obtained. Hence, the authors
suggest that the wall film provides the main portion of the volumetric mass-transfer coefficient.
For a gas/liquid slug flow Pohorecki (2007) traces back the role of the wall film to the local
mass-transfer conditions. If the convective transport inside the wall film is small compared to
the radial transport by diffusion, mass accumulates inside the wall film and hinders the mass-
transfer locally, since the driving concentration difference decreases locally. Dessimoz et al.
(2008) and Roudet et al. (2011) neglect the contribution of the wall film to the mass transfer,
due to the small total volume of the wall film, if compared with the continuous phase. They
argue, that a ,,quick saturation® of the wall film should be the consequence. Di Miceli Raimondi
et al. (2008) use numerical simulations to investigate the transfer in a liquid/liquid slug flow
within a square micro-channel. Results show a large concentration in the wall film that even
overshoots the reactive equilibrium concentration for long contact times. The time scale for
accumulation or exhaustion in the wall film can be much shorter than for the overall process.
Ghaini (2011) investigates the effective interfacial area for mass transfer in the liquid/liquid
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slug flow using fluorescence microscopy in circular capillaries. The results suggest that a large
amount of mass is transferred through the wall film between the solvent bulks. Liu and Wang
(2011) investigate the mass transfer in a gas/liquid slug flow for an idealized shape of the disperse
slug and for a circular cross-section by means of numerical simulation. Results show, that the
mass-transfer is represented by the portion of the wall film in good approximation, independent
of all combinations of model parameters. Hence, the contributions of the cap regions remains
small in all cases. Sobieszuk et al. (2011) investigate the mass transfer in a gas/liquid slug flow
experimentally, using Danckwert’s chemical method. The interfacial area is derived based on
the assumption of an idealized shape of the disperse phase. Results show, that major amount
of mass is transferred at the wall-film portion of the free interface. Tan et al. (2012) suggest
that the flow topology is responsible for the local distribution of the mass transfer at the free
interface. A long wall film, i.e., long periodic elements and large volume fractions result in a
hindered mass transfer in the wall film.

To summarize, the free interface and the flow topology have a strong influence onto the spatial
distribution of the volumetric mass-transfer coefficient at the free interface. The local mass
transfer, the underlying mass transport, and especially the contribution of the portion of the
free interface related to the wall film within the slug flow are not understood in detail so far, also
emphasized in several reviews, c.f. Kashid et al. (2011), Sobieszuk et al. (2012) or Sotowa (2014).
The spatial distribution of the volumetric mass-transfer coefficient has not been investigated
in detail so far. The spatial distribution of the volumetric mass-transfer coefficient at the
free interface is probably dominated by the local transport conditions inside the wall film in
conjunction with the large portion of the area of the free interface. The free interface can be
separated into portions of the free interface a, with portions P = F,WF, B designating the
front cap (F), the wall film (WF), and the back cap (B), for the evaluation of the contribution
of the caps and the wall film, compare section 1.3.1.

For the investigation of the contribution of the wall film and the caps to the mass transfer the
interfacial portion of the volumetric mass-transfer coefficient (ka)? can be used, defined to

/P d(ka) = (ka)T. (1.24)

The sum of the portions has to correspond to integral of the local volumetric mass-transfer
coefficient over the whole specific interface, being the volumetric mass-transfer coefficient, i.e.

AF T
(ka)" 4 (ka)VT + (ka)® = A da = ka. (1.25)
a Acﬂ,ln
Furthermore, the transport conditions inside the wall film and the appearance of the free interface
can be estimated from the typical values of flow and mass transport, compare section 1.3.1, based
on an idealized interfacial contour, as summarized in figure 1.7.

Accordingly, the wall film (WF) and its interfacial portion, defined in between the saddle points
(SF,SB) of the flow topology, represents about a"V* /a = 68% of the interfacial area, indicating
a high potential for mass transfer, while the caps (F,B) only occupy a portion of about (a’ +
a®)/a = 32%. The wall film describes here the volume between the saddle points, while extended
wall film (EWF) represents overall volume of the wall film along the axial direction. The
transport conditions inside the wall film can be characterized by the local ratio of convection
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from a spherical droplet rising at terminal velocity in creeping flow.

Eulerian methods

Within Eulerian methods fixed positions in space are used for the description of the fluid vol-
umes, see figure 1.8a, cf. Wérner (2012). The spatial distribution and the temporal evolution
of the free interface is described by some kind of marker or phase function §(r, ¢, z,7), that
is transported through space, while the function values indicate the phases, i.e. § = 1 for the
disperse phase and § = 0 for the continuous phase. The position of the free interface is implicitly
derived from the position of the phase volumes, where the phase function transits from one to
another value. Accordingly, the description of a two-phase system is decoupled from the under-
lying computational mesh, based e.g. on a Cartesian mesh with rectangular cell topology, cf.
Rusche (2002). At the interface also the fluid and transport properties transit from one value
to another. Numerically, the handling of a sharp interface with jump transitions of the marker
function and the fluid and transport properties appears to be problematic. Hence, it is numer-
ically of advantage to smear all transitions over a short distance normal to the interface, cf.
Ferziger and Peric (2008), within an one-field formulation of the governing transport equations,
cf. Peskin (2002). This allows e.g. the application of the interfacial pressure jump, cf. Brackbill
et al. (1992), or source terms, compare e.g. Ozkan et al. (2016) or Marschall et al. (2012), in a
stable numerical solution procedure.

The Eulerian approach has in general a strong influence onto the description of the mass trans-
port, since the local transport direction of the mesh is not aligned with the local transport
direction of mass at the free interface, illustrated in figure 1.8b. The mesh transport directions
are sketched by the normal vectors at the cell faces, generalized to 7i,,esn, While the local trans-
port directions for mass, given by the flow vector 4 is always tangential to the free interface,
and the diffusion vector i_j, acts normal to the free interface, from the raffinate into the extract
solvent, i.e. here from the disperse into the continuous phase. The misalignment, which can be
measured for each cell by

min (Mpesh - @) # 0, (1.28)

certainly enhances numerical inaccuracies within any numerical method. The magnitude of the
numerical error is proportional to the magnitude of the misalignment, the local concentration
gradient Vcy, the mass flux éﬁfq, and the local edge length of the mesh e, cf. Jasak (1996).
In detail, these accuracies are introduced by the discretization of the convective term in the
transport equations, cf. Hirsch (2007), enhancing artificially the diffusion, also termed numerical
diffusion, cf. Patankar (1980). Accordingly, its influence is especially strong close to the free
interface, where steep concentration gradients can be expected. Numerical diffusion can be in
the same magnitude as physical diffusion close to the free interface substantially reducing the
quality of the numerical transport, cf. Ferziger and Peric (2008). Different techniques, such as
high-level discretization of the convective terms, cf. Huh et al. (1986), local mesh refinement,
cf. Jasak and Gosman (2000), or coordinate transformations, cf. Ryskin and Leal (1983), have
been developed for compensation. Further, the concentration at the free interface is not directly
accessible due to the fact that the free interface and the mesh lines do not coincide.

Eulerian methods are also termed volume-tracking methods, cf. Ferziger and Peric (2008),
immersed-boundary methods, cf. Peskin (2002), or diffusive-interface methods, cf. Anderson
et al. (1998). Most popular methods, emerging from the Eulerian approach are the marker-cell-
method, cf. Harlow and Welch (1965), the volume-of-fluid method, cf. Hirt and Nichols (1981),
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Figure 1.8: Eulerian approach with mass transport at free interfaces: a) Principle sketch of the
Eulerian method within a spatially-fixed computational domain, the stream lines and the assignment
of the phases by the phase-field function d; b) Mass transfer at the free interface: poor alignment of
the mesh and the mass transport direction in conjunction with a smeared interface.
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and the level-set method, cf. Osher and Sethian (1988). Branching into sub-methods can also
be observed, cf. Sussman et al. (2007), Tryggvason et al. (2001), or Olsson and Kreiss (2005).
Based on the handling of the flow, different approaches have been developed for the interfacial
coupling of the concentration fields at the free interface, e.g. Yang and Mao (2005), Alke et al.
(2010), or Marschall et al. (2012). Eulerian methods are advantageous for the computational
handling of deformation, coalescence and break-up of the phases and computationally cheap,
since the transport of the phases is in general decoupled from the underlying mesh structure,
cf. Ferziger and Peric (2008). Disadvantages arise from the smeared interface, that provides a
low spatial resolution at the free interface and introduces the need for compensation techniques
for an acceptable numerical quality of the mass transfer at the free interface, cf. Elgeti and
Sauerland (2016).

Lagrangian methods

Within Lagrangian methods the evolution of the free interface is directly described, cf. Worner
(2012), see figure 1.9a. The temporal evolution and the spatial distribution of the phase volumes,
represented by separate computational domains, is derived from the known position of the sharp
interface, where the fluid and transport properties transit from one value to another, cf. Hirt
et al. (1997) and Gueyffier et al. (1999). Again, 6 = 1 in the disperse phase and 6 = 0 in the
continuous phase is prescribed as for Eulerian methods. Accordingly, the interface appears as
a boundary for separate phase-fitted computational meshes and the separate fields inside the
domains are coupled via interfacial coupling conditions at the free interface, cf. Muzaferija and
Peri¢ (1997). A change of the free interface contour results in a related change of the mesh
topology and a deformation of the domains, c¢f. Ryskin and Leal (1984a), Ryskin and Leal
(1984b), Ryskin and Leal (1984c), or Tukovié¢ and Jasak (2012). The Lagrangian approach
shows in general a weak influence on the accuracy of the description of the mass transfer at the
free interface. A fixed assignment of the mesh cells to the phases results in the possibility of the
local alignment of the transport directions of the mesh with the transport directions of mass, see
figure 1.9b. Hence, the miss alignment, described by the minimum value of the scalar products
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Figure 1.9: Lagrangian approach for mass transport at free interfaces: a) Principle sketch of the
interface-tracking method with phase-fitted computational domains, the stream lines and the phase-
field function J; b) Mass transfer at the free interface: alignment of the mesh and the mass-transport
direction in conjunction with the sharp interface.

for each cell
min (Mpesy - 4) =~ 0, (1.29)

vanishes in good approximation close to the free interface, where steep concentration gradients
Ve, can be expected, present in the direction of the interfacial mass flux c'nff , cf. Jasak (1996).
Here, the normal vectors at the cell faces, generalized to 7i,,.sh, and the transport directions
of mass, described by the flow vector u, that is always tangential to the free interface, and the
diffusion vector 5, that acts normal to the free interface, from the raffinate into the extract
solvent, i.e. here from the disperse into the continuous phase, are used for the calculation of the
miss alignment. In consequence, the discretization of the convective terms is of higher accuracy
and the influence of numerical diffusion is minimized, cf. Patankar (1980), and the local edge
length of the mesh e, the concentration gradient Vcyg, and the magnitude of the interfacial
mass flux c'fﬂ are of lower influence compared to Eulerian methods, cf. Elgeti and Sauerland
(2016). A direct access to the concentration at the free interface and high spatial resolution of
the transfer process at the free interface is achieved.

Lagrangian methods are also termed interface-tracking methods. The Lagrangian description
of the evolution of the free interface is advantageously with an Eulerian approach for the flow
field and the related transport processes, cf. Hirt et al. (1970) and Hirt et al. (1997), to achieve
a reasonable handling. As the evolution of the free interface is directly coupled to the topology
of the computational domains, deformation, coalescence, and break up of the phases can only
be handled to a limited extend. Since high cell distortions lead to bad numerical properties,
cf. Schmidt et al. (2002), the need of remeshing can be expected, implying high computational
efforts, cf. Ryskin and Leal (1984c), compared to FEulerian methods. Lagrangian methods are
still not developed to a high level and with only a small number of applications so far, cf. Elgeti
and Sauerland (2016), but provide simultaneously a high spatial resolution at the free interface,
and lower numerical diffusion, cf. Ferziger and Peric (2008).


1_introduction/figures/interfacetracking1.eps
1_introduction/figures/interfacetracking_interface1.eps

2

Modeling

A reactor model is set up for the investigation of the spatial distribution of the volumetric
mass-transfer coefficient within a liquid/liquid slug-flow micro-capillary reactor, inspired by the
literature review. Further, the fundamental relationships for the two-phase flow and the reactive
mass transport in the two-solvent system, with and without an irreversible chemical reaction,
are presented and the approach is scaled.

2.1 Reactor model

The local mass transfer at the free interface and in particular the mass transport within the
slug-flow micro-capillary reactor can be understood by focusing on a periodic element inside
the residence-time unit, see figure 2.1. The periodic element of length [,. and with diameter d
of the circular capillary tube is subjected to the disperse and continuous volumetric flow rates
V; and V., with ratio V = Vy/V, = F((4). The global cylindrical coordinate system moves
with the average velocity of the disperse phase w,4. The velocity difference Aw, appears.
A periodic coupling of the boundary conditions at the left and the right boundary appears
for all velocity components, while the driving pressure decreases in the axial direction with
pressure gradient Vp. The two-phase flow is modeled assuming a laminar flow of two immiscible,

Wz,d Vp
— _—
/L
two-phase —
flow
wali _hlr_n _____________________
mass
transfer (ka)W F
4
v
NN\
lpe
P |-
< »

Figure 2.1: Reactor model for the investigation of the local mass transfer in a liquid/liquid slug-flow
micro-capillary reactor.

incompressible and isothermal liquids. A clean interface with a constant interfacial tension o
is present and gravity is not taken into account. The local interfacial normal vector 7 points
into the continuous phase. The mass transport is investigated for a steady-state two-phase flow,
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based on infinite dilute solutions of the solutes A and B and in conjunction with a clean interface
without additional mass-transfer resistance. Mutual interactions between the solvents and the
solutes do not appear. An isothermal second-order chemical reaction, with constant reaction
velocity governs the consumption of the solutes A and B inside the extract solvent. Hence, a
back coupling of the mass transport to the two-phase flow is not present and constant diffusion
coefficients, densities, and viscosities appear.

For an assignment of the raffinate solvent to the continuous phase the mass balances for solute
A can be written to:

oe :
raffinate oA ¢my —eout _ oIE (2.1)
8 Tm k) k) b
oe
extract eA _oir G + LB (2.2)

1w TAI-¢

Both balances are coupled by the interfacial mass fluxes, with c'g;l = ii (&/(1—=¢)). The

change of the concentration inside the raffinate solvent depends on the actual mass flux c'ffjl
and the net mass flux across the periodic element Ac':,nj’fw = c'i"A — ¢4 2£ (0. The net mass

flux across the periodic element results from the disperse flow structure in combination with
the consecutive generation of the flow pattern and the related temporal offset for the beginning
of the transfer process in each element. A general solution to the mass balance of the raffinate
solvent is not known, cf. Russell et al. (2008). But, the influence of the net mass flux Ac’?f“t
may be estimated. Therefore, a group of consecutive periodic elements is investigated, see figure

2.2. If the mass transfer starts in all periodic elements at the time, the temporal offset would
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to diffusion. Hence, the influence of axial dispersion to the description of the volumetric mass-

transfer coefficient vanishes, i.e. c'i”A = ¢ and the system converges to periodically coupled

boundaries with a periodic mass flux 'Teﬁ = c'i”A = Cf% Hence, the volumetric mass-transfer
coefficient in the pseudo closed system can be described by the solution of the mass balance, or
the direct evaluation of the mass flux at the steady-state free interface and the related portions

of the volumetric mass-transfer coefficient

Q ciq[m o Cgfl dév{iTm F F B
ka = —1In 6’(17-,—77177 = / ’ da = (k:a) + (ka)W + (ka) . (24)
c a

Tm rA Cr.A CA,ln

The presented train of thoughts extends the plug-flow approach, compare section 1.3.1, to a
slug-flow approach, that considers the influence of axial dispersion for a large ratio of convection
to diffusion. Further, the interface is separated into the wall film (WF) and the caps, with
Front (F) and Back (B), based on the saddle points of the underlying flow structure at the free
interface (SF,SB), as shown in figure 2.1.

2.2 Two-phase flow

The relationships governing the two-phase flow system can be separated into conservation laws
governing the fluid motion and interfacial coupling conditions.

2.2.1 Fluid motion

The flow of an incompressible, isothermal, Newtonian fluid phase p, with p = ¢, d, of constant
density, is governed by the Navier-Stokes equations and the continuity equation, presented for
example in Bird et al. (2007),

i, . . S
o < Br @V u) = ~Vpp + Vi, (2.5

V- i, = 0. (2.6)

In these equations, 7 is the time, %, is the velocity vector, p, is the pressure, the density is
presented by ¢, and the dynamic viscosity is u,. Within the momentum equations, there are no
unsymmetrical forces and an axial symmetric flow field is present, as the influence of gravity is
negligible, compare section 1.3.1.

2.2.2 Interfacial conditions

The free interface separates the two liquid phases as a thin layer and acts as a free boundary for
each phase. A local Cartesian coordinate system (n, t1, tg), see figure 2.3, is introduced for the
description of the circumstances at the free interface, with the corresponding velocities (u, v, w).
The normal direction coincides with the local interfacial normal vector 7. The interfacial con-
ditions may be divided into kinematic and dynamic conditions, coupling the disperse and the
continuous phase, cf. Clift et al. (1978). The kinematic interfacial condition provides continuity
of the velocity vectors

aF =g lF (2.7)

at both sides of the interface, with the local Cartesian velocity vector at the free interface

@ IF = (u ¥ v IF w IF)

T . .. . .
p (up Uy Wy . The dynamic condition is a stress balance at the free interface. The
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Figure 2.3: Local interfacial coordinate system with curvatures.

normal stresses are balanced with the pressure on either side, i.e.

IF IF
Oug

+ ko = pht + 2u4 ol (2.8)

Cc

IF
Y2 + 2pe on

Here, péF is the pressure at the interface, Ou,/ an\IF represents the derivative of the normal
velocity with respect to the normal direction and p, is the dynamic viscosity, all related to the
phase p. The interfacial pressure jump appears as the product of surface tension o and local
mean curvature of the interface

K = Kt, + Kty, (2.9)

where k¢, and k¢, are the curvatures along the local Cartesian coordinates t; and ¢y. In the
tangential directions, the viscous shear stresses have to be equal, presented by

% IF % IF B % IF 8’()6 IF (2 10)
Hd \ "5, on —Hel B on ’ '

% IF % IF B % IF 8’[1)0 IF (2 11)
Ha \ By, on —Hel ot on ' '

Here, Ou,/ 8t1|IF is the derivative of the normal velocity u with respect to the tangential di-
rection t1, Ovp/ 8n|1F is the derivative of the tangential velocity v with respect to the normal
direction, Ou,/ atg\IF is the derivative of the normal velocity u with respect to the tangential
direction ¢y and dw,/ 8n!1 F'is the derivative of the tangential velocity component w with respect
to the normal direction.

2.3 Reactive mass transport

The relationships governing the mass transport, the chemical reaction, and the interfacial cou-
pling are introduced.
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2.3.1 Mass transport

The transport of a solute ¢, with ¢ = A or B, present in a solvent s, with s = r or e, at infinite
dilute volumetric concentration c,; is governed by the mass transport equation, cf. Baehr and
Stephan (2006)

acm

+ Vi - Csi = Ds,ivzcs,i + s (212)
OTm

Beyond the mass-transfer time 7;,, and the spatial coordinates, the influence parameters are the
constant velocity field in the corresponding solvent #, the Fickian diffusion coefficient D, ; and
the chemical reaction rate ¢, ;, which will be described in detail below. Due to the infinite dilute
solution, i.e. cs; — 0, the density, the viscosity and the overall molar composition are quasi
constant in each solvent, i.e. V (¢ i) = Us - Vs holds.

2.3.2 Chemical reaction

The irreversible elementary reaction equation, cf. Levenspiel (2007),
vaA + vgB — Products (2.13)

governs the consumption of the solutes A and B and the generation of products in the extract
solvent. Here, the stoichiometric coefficients are v4 and vg. On this basis, the reaction rate
for a second-order chemical reaction is described using the isothermal reaction velocity constant
¥ and the local concentrations ¢, 4 and c. 3, as well as the stoichiometric coefficients by the
product approach, cf. Levenspiel (2007),

lej = —V; ¥ Ce A CeB- (2.14)

The incorporation of the reaction rate in the corresponding mass transport equation for the
extract solvent allows the description of reactive mass transport of both solutes, i.e.

dcen

8# +@le - Veeq = DeaVicen — va cen Ces,

Tm

e (2.15)

— 2
+ Ue - vce,B = Ee,BV Ce,B — VfBﬁ Ce A CeB-
OTm,

The dependency of the chemical reaction on both solutes introduces a coupling of both equations.

2.3.3 Interfacial conditions

Similar to the two-phase flow, interfacial conditions for the concentration fields of both solvents
have to be formulated at the free interface, see figure 2.4. The local adapted normal direction
N, coinciding with the local normal vector 7 and pointing from the raffinate into the extract
solvent, is used for the formulation. A relation for the local concentrations at the free interface,
derived from the continuity of the chemical potential across the interface is

e, X m; = CC{iF. (2.16)

T,

Here, the ratio of the concentrations at the free interface, i.e. of the raffinate phase cT’IiF and
of the extract solvent ceIiF is expressed by the constant distribution coefficient m;, cf. Nernst

(1891). The second constrain is given by the continuity of the diffusive mass flux at the free
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Figure 2.4: Mass transfer across the free interface.

interface, by engaging Fick’s law, cf. Fick (1855), i.e.

IF
acr,i

A
T Onm

IF
aceyi

ﬂr = Ley
T Onm

(2.17)

The local derivatives of the concentrations Oc; ;/ 8nm]IF and Oc.; /aanF in the normal di-
rection n,,, taken at the free interface and the Fickian diffusion coefficients D, ; and D.; are
present.

2.4 Scaling

The complete model and the fundamental relationships for the two-phase flow and the reactive
mass transport are scaled. The capillary diameter is used as characteristic length scale for the
coordinates and length, resulting in: R = r/d, Z = z/d, N = n/d, Ty = t1/d, T> = t2/d,
Ny = nm/d, Lpe = lpe/d, and the dimensionless diameter D = 1. The volumetric mass-transfer
coefficient, referenced to the raffinate solvent, and the portions are scaled with the diameter and
the diffusion coefficient of the raffinate solvent, i.e.

kad?

Si = Sha = Dra

= / dSi= Sit" + SiVE + 8B, (2.18)

Here, the dimensionless volumetric mass-transfer coeflicient Si appears as product of the Sher-
wood number Sh = kd/D,. 4, referenced to the raffinate solvent, and the dimensionless interfacial
area o = ad, with its portions and the dimensionless local volumetric mass-transfer coefficient
dSi. All other scales will be introduced below in the respective sections.
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2.4.1 Two-phase flow

In addition to the geometric scaling, the velocities of the phases are scaled by the average velocity
of the capillary, i.e. ﬁp = Uy,/W,, the pressure is scaled by the inertial pressure, i.e. P, = p,/ 0w?,
the dimensionless curvature is K = kd, and the dimensionless time is 7' = 7w, /d. Hence, the
dimensionless formulation of the Navier-Stokes equations and the continuity for each fluid phase

pis

Bﬁp = 3 L o
SR+ (0,-v) 0, = -vB, + 7V O (2.19)
V.U, = (2.20)

In this dimensionless form the Reynolds-numbers Re, = 0, qd/ 1, occur, while Re. = Req- 0/ [,
with the density ratio ¢ = 94/0. and the viscosity ratio ji = uq/ e holds.

The scaling is also applied to the interfacial conditions. The dimensionless form of the kinematic
condition is

Ul = gir. (2.21)
The dimensionless forms of the dynamic condition are
2 9U.|"" K 2 oUL|""
plr = LE—— ) R T 2.22
¢ " ReoN| T Re Ca p<d T R onN| | (222)
IF IF IF IF
Al OUe =/ % % , (2.23)
ON o1y ON 0Ty
ow.1'F auy|'F (ow,I'F auy|Tt
— =/ . (2.24)
ON 0Ty ON 0Ty

Here, the capillary number of the continuous phase Ca. = p.w,/o is present, additionally to
the Reynolds numbers Reg; and Re,.

2.4.2 Reactive mass transport

The concentration of solute A is scaled by its initial concentration in the raffinate solvent, i.e.
the dimensionless concentration appears to Cy, 4 = ¢4/ cg 4> while the concentration of solute
B is scaled by its initial concentration in the extract solvent, i.e. Cep = cc3/ CS,B' The Fourier
number Fo,; = Tmd?/ D, ; is found as dimensionless mass-transfer time. The solvent velocity
is scaled with the average capillary velocity, i.e. U, = i, /W,. Introducing the scaling into the
equation for the mass transport results in

0Cs - 1
8 (Pes,iFosﬂ-) + s S Pes,i

V20 + I (2.25)
Here, Peg; = w,d/D,; is the Péclet number and I, ; is the dimensionless reaction rate, which
only has influence within the extract solvent. The convective species transport rate is used for
the scaling of the reaction rate i ;, namely d/cg W for solute A and d/c(e) LW for solute B.
Hence, the dimensionless reaction rate is

(2.26)
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Here, Ha. 4 = d, /7908793/136’/1 and Ha. 3 = d, /ﬂcg,A/ﬂ&B are the modified Hatta numbers of
both solutes, with 027 4= 027 4 ¢/(1 = (). The dimensionless form of the coupled system of
equations inside the extract solvent can then be written with reference to the raffinate solvent

to
)
0 (Cen D) 5
’— [7@ N CE = 7'4 2Ce _ H 2 Ce Ce
0 (Per,AFOM) + VCea Pe,4 (V A e pbe,A ,3)7 .
0 (C’6 R Di )\) o DX,y ,
_\NTHD AT . _ _OH .
9 (Per,aFo,4) U Vles Pe, 4 (V*Ces — ¢ Hag nCenCen)

The given formulation is referenced to the properties of solute A in the raffinate solvent. The
ratio of the diffusion coefficients is D4 = f?e,A/DnA, the ratio of the Péclet numbers is A =
Pe 4/ Pe. 5, that gives a relation for the diffusion of the solutes in the extract solvent and
P = [1/3097 a/ (VAC(;B)} ¢r/(1 — ) incorporates the ratio of the stoichiometric coefficients, the
initial concentrations and the phase fraction of raffinate solvent, i.e. the volume ratio.

Further, the scaling of the interfacial conditions gives the dimensionless forms

C\Fm=ctF, (2.28)
IF IF

0Chi|™ _ , O (2:29)

ONm ON,

Here, ﬁz = D, ;/D,; represents the ratio of the diffusion coefficients.
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Numerical method

Focusing on the numerical simulation of the spatial distribution of the mass transfer at the free
interface an interface-tracking method is chosen for the numerical description, compare section
1.3.3. Besides the idea of the method, the computational approach, and performed numerical

tests are described.

3.1 Interface-tracking method

In the present application, the separate phase-fitted domains are arranged around an imported
steady-state interface contour, based on the specific measurements of the periodic element in a
moving frame of reference, that is fixed to the disperse phase, see figure 3.1. The cells close to the

imported steady-state
interface contour

Lype

»
»

&
<

Figure 3.1: Interface-tracking method: Import of a known steady-state interface contour into the
periodic element to set up static phase-fitted domains based on a moving reference frame.

free interface can be aligned with the main transport directions to minimize numerical diffusion.
The governing equations are solved inside the computational domains, while the interfacial
conditions are used couple the field variables across the sharp interface. Since the two-phase
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flow is in steady-state and only dilute solutions are present, the computational domains do not
change during the simulation of the the two-phase flow and the mass transport. Accordingly, an
elaborate and computational expensive adaption of the computational domains is not present.
Static phase-fitted domains can be used for the simulation of the mass transport, preserving
the advantages of the interface-tracking method while getting rid of the disadvantages. Similar
approaches have been used by Farmer et al. (1994) for the simulation of a two-phase flow
and in conjunction with free rising spherical droplets and mass transport by Adekojo Waheed
et al. (2002), Schulze (2007), Wegner (2009), a parallel flow, cf. Wolf (1998) or slug flows
by for example Harries et al. (2003), Irandoust and Andersson (1989), Liu and Wang (2011),
or Tsaoulidis (2015) based on an idealized interface. The specific computational approach is
detailed below.

3.2 Computational approach

The computational approach is presented, based on the implementation in OpenFOAM 2.1.0,
using the finite-volume method, cf. Weller et al. (1998). The computational domain and the
simulation concept are introduced and the single concepts steps are described in detail.

Derived from the modeling approach, the examination of a radial slice of the periodic element
appears to be sufficient for the numerical description, due to the axial symmetry of the flow
and concentration fields, the related free interface and the circular cross-section of the capillary
flow channel, illustrated in figure 3.2. According to the introduced geometrical scaling, the
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Figure 3.2: Reduction of the examined scales periodic element to a radial slice and the computa-
tional domains.

computational domain has the diameter D = 1, i.e. the radius D/2, and the length L,.. A
wedge is used for the specific implementation in OpenFOAM, since the governing equations are
solved in Cartesian coordinates. The radial slice, with cylindrical coordinate system, is used for
the descriptions of the thesis.

The simulation concept consists of five steps, see figure 3.3: (1) A steady-state interface is
generated based on an existing volume-tracking simulation model, provided by Dittmar (2015).
For this, a modified level-set method is engaged and all computations are done for a given set of
dimensionless flow parameters. (2) The interface and the velocity difference AW, are extracted.
The interface is used to (3) arrange separate phase-fitted domains, that are discretized by means
of the finite-volume method. Both domains are coupled at the free interface by means of the field
values of both phases. The interface is a sharp boundary for both domains. (4) The discretized
domains are used to simulate the steady-state two-phase flow, providing the basis for (5) the
simulation of the transient mass transport, with and without chemical reaction.
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Figure 3.3: Simulation concept: 1.) Generation of the steady-state interface, using a modified
level-set method, cf. Dittmar (2015). 2.) Export of the steady-state interface. 3.) Generation and
discretization of separate coupled phase-fitted domains. 4.) Simulation of the steady-state two-phase
flow. 5.) Simulation of the transient mass transport, with and without chemical reaction.

3.2.1 Steady-state interface - generation and export

The steady-state interface is generated in the first step of the numerical concept based on an
existing simulation model of a periodic element of the liquid/liquid slug-flow micro-capillary
reactor, using a volume-tracking method, cf. Dittmar (2015), illustrated in figure 3.4. The
two-phase flow and the evolution of the free interface is computed with a conservative level-set
method, cf. Olsson and Kreiss (2005) and Olsson et al. (2007), using a pressure driven flow,
implemented in OpenFOAM 1.4.1.

The governing dimensionless parameters Re., Cac, fi, 0, the periodic element length L,., and a
phase fraction (4 are prescribed, since the ratio of volumetric flow rates V cannot be prescribed
directly. The phase function 6(R, ¢, Z,7 = 0) is initialized with an idealized shape, consisting
of a cylinder with spherical caps, occupying a volume corresponding to the volume fraction (g.

The set of governing equations is solved until the steady-state is achieved during the numerical
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procedure, in dependence to the driving pressure gradient V P, that is split into a driving volume
force VP, and a dynamic pressure field V FPyy,,. Convergence is achieved, when the change
of the driving pressure gradient becomes small between two consecutive iterations. Finally, the
simulated flow rate ratio V can be evaluated according to equation 1.9, derived from the phase
fraction (4 and the phase velocities Wz,d and Wz,c- The procedure may be repeated until the
desired ratio of volumetric flow rates is achieved. The steady-state interface is exported as point
cloud from the steady-state phase field at 6(R, ®, Z, 7 — oco) = 0.5 by interpolation to the cells
centers and used for the further concept, based on a paraView routine and the contour plot
filter. The point cloud is filtered by means of a low pass filter to compensate inaccuracies in

conjunction with the interpolation of the point cloud.

periodic periodic

R

D/2

A

F

Figure 3.4: Steady-state interface: Schematic generation of the steady-state interface using the
existing simulation model developed by Dittmar (2015) in dependence to the dimensionless flow
parameters, including boundary conditions.

3.2.2 Separate coupled phase-fitted meshes

The steady-state interface is used to define the boundaries of two separate meshes, generated
with the blockMesh utility. The interface is imported into a separate meshing tool, where the
blocking is performed and the meshing files, i.e. blockMesh.txt, are created, based on OpenOffice
Calc. The separate two-dimensional meshes are created, stitched, extruded to a wedge, and a
baffle is created at the position of the free interface.

The overall computational domain is therefore divided into two domains, that are arranged
around the imported steady-state interface, see figure 3.5a. The domains are further divided into
blocks and cells with a quadrilateral cell topology, based on an O-grid structure. Additionally,
regions where steep gradients are expected are prioritized regarding the block arrangement
and their mesh qualities. The aim is to achieve a homogeneous square cell topology over the
whole domain and to allow a direction-independent resolution of the gradients. The blocking
is classified into three regions, according to their numerical influence to the mass transfer: The
free interface (1), the wall film (17), and the bulk (/IT). First priority is on the interface and
its immediate surroundings. The blocks and the quadrilateral cells are locally aligned with the
normal direction of the free interface, that can be seen in the resulting mesh, see figure 3.6. A
high numerical resolution and quality near to the interface is achieved, minimizing the influence
of numerical diffusion, cf. Jasak (1996). The second priority is given to the wall-film region.
Small changes of the wall-film thickness along the axial direction can cause large deviations
from the desired square cell topology. Therefore, the film region is divided into several separate
blocks, to adapt the cell topology. The blocks in the bulk, in certain distance to the interface,
are of subordinated priority compared to the other two regions.
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Figure 3.5: Discrete computational domain (R-axis scaled by factor of 2): a) Block structure,
pointing out the priorities, namely the interface (I), the wall film (I7), and the bulk (I1I); b) Main
meshing parameters, based on heuristic lengths and angular conditions.

The strategic arrangement of each node of a block, in relation to an imported interface, is
done using a meshing algorithm for the spatial arrangement of the nodes based on heuristic
rules. Therefore, the meshes for three interfaces are examined in detail, namely for the capillary
numbers of Ca, = 1073, Ca. = 1072, and Ca, = 10!, while the other flow parameters, i.e.
p=1 0=1, Re. = 10, and V= 1, are kept constant. An optimized node arrangement is
derived for each blocking and used to set up heuristic rules for the general node arrangement.
The main driving parameters are illustrated in figure 3.5b, with the main meshing lengths O1,
O, and O3 and conditions for a slope of AR/AZ = 1 at the points Oy and Oj on the free
interface. An optimized heuristic arrangement of the blocks and the underlying nodes is derived
from a detailed analysis of three interfaces, by means of an automated parameter variation.
Optimization parameters are the cell skewness (maximum 10), the aspect ratio (maximum 5), the
growth rate of two neighboring cells (maximum 2), and the mesh non-orthogonality (maximum
60°). All limits are chosen in relation to the quality measurements provided by OpenFOAM,
cf. Weller et al. (1998). The cells near the interface are locally refined to provide a reasonable
balance of numerical quality and computational time.
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The overall spatial resolution of the computational mesh is driven by the cell edge length at
the free interface E'F', see figure 3.6. Additionally the interfacial cell area Aj is marked in the
figure. The resolutions of all other blocks and cells are automatically chosen in dependence to the
prescribed interface resolution and the underlying block topology, depending on the introduced
quality measures. At least three cells have to be present in the aligned blocks immediately at
the free interface and at least five cells at the smallest height of the wall-film blocks to provide
a reasonable number of cells for the resolution of gradients. The exact number of cells, i.e. the
resolution, is derived from experience. A typical dimensionless edge length of E/f = 4.1073
results in a global mesh consisting of approximately 10 cells, giving a reasonable ratio of effort
to benefit, proven in section 3.3. The discrete domains, i.e. the numerical mesh, are used for
the simulation of the steady-state two-phase flow and the reactive mass transport.

3.2.3 Steady-state two-phase flow

The scaled governing equations are used for the computation of the steady-state two-phase
flow. A transient numerical procedure is conducted, until a steady-state flow is achieved in the
periodic element, related to the numerical handling of the pressure driven flow. The sequence of
the algorithm is shown in figure 3.7. The solution procedure consists of several steps, described
below:

1. Initialization
Initially, the set of dimensionless flow parameters, Ca,., Re., fi, 9, as well as the correspond-
ing discrete domains, the field data and the boundary conditions are loaded. The field
data for the pressure and the velocity are mapped from the underlying volume-tracking
simulation to provide initial conditions close to the desired steady-state solution. The
boundary conditions are sketched in figure 3.8. The capillary wall moves with the velocity
of the dimensionless disperse phase Wz,d in negative Z-direction, while in flow direction
the boundaries are coupled periodically and the velocity difference AW 7 is prescribed,
taken over from the reference simulation. Symmetry conditions apply for all field data at
the center line (R = 0). The coupling conditions at the free interface are enforced during
the simulation. The outer iteration loop starts with the first iteration it = 1. Unless oth-
erwise noted, the field data of the previous iteration it — 1 are used for the actual iteration,
while in the first iteration the field data from the volume-tracking simulation are adapted.

2. Adjust time-step width AT
The explicit Euler-scheme is used for the temporal discretization, because of its simplicity,
robustness and easy handling for parallel simulations, cf. Anderson and Wendt (2009).
One global convective time step AT is used for both domains. The stability of the scheme
is governed by two criteria, holding for each cell j of the overall computational domain,
cf. Ferziger and Peric (2008). Hence, the time-step criteria, based on the cell diffusion
number Di; and the cell Courant number Co;, appear to

AT
Di; < 0.5, with Dij = ——— (3.1)
RejEj
U;|A
Co; < 2Dij, with Co; = max <‘]£‘7> . (3.2)
f]

In accordance to common practice, the second criterion is even set stricter to Co; < Di;.
Both dimensionless parameters are evaluated at each cell of both computational domains
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Figure 3.7: Scheme of the steady-state two-phase flow algorithm.
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Figure 3.8: Boundary conditions for the steady-state two-phase flow algorithm.
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using the actual global convective time step AT, that is derived for the actual iteration to

be
, NN —
Uj

The dimensionless pressure gradient VP is split into a static driving portion V P, and

Re. - AE?

AT = min 5 MmN in (1,

. (3.3)

=

3. Adjust static pressure gradient VP,

a dynamic portion VP, to adjust the flow inside the periodic element
VP =V Psqr + VPyyy. (3.4)

The adjustment of the static pressure gradient in flow direction, is used to control the
velocity difference of the previous iteration AW z;; in the periodic element, calculated to
AW 7 =

J

with A; being the cell area, illustrated in figure 3.6, the velocity vector ﬁjﬁ_l, €, being
the unit vector in the axial direction, and R; being the radial position of the cell center of
cell j. The actual average velocity difference is used to adapt the static pressure gradient
simultaneously for all cells. The difference of the actual velocity difference Wzﬂ-t and the
prescribed velocity difference AW 7 is directly used for the control of the static pressure
gradient, due to the dimensionless formulation

V Pt it = V Pstatit—1 + (AW z — AW z441) Q. (3.6)

The relaxation factor €2 = 0.9 is applied to ensure a stable numerical procedure and to
prevent overshoots of the estimated value. If the relative velocity is higher than desired,
the static pressure gradient is decreased, vice versa. The new estimate for the global static
pressure gradient is used for the actual iteration.
4. Update coupling conditions V! and %‘IF
The discrete form of the interfacial conditions, compare section 2.1, is used for the local
coupling of the velocity fields inside the domains, see figure 3.9. Since the free interface is
static, the dynamic coupling condition in the normal direction is not taken into account
and the normal component of the velocity vector is U/f = 0. The remaining tangential
coupling conditions are used to update the velocity fields at the free interface. In accor-
dance to common practice in numerical calculations, a linear approximation is used for
the representation of gradients normal to a boundary. The tangential interface velocity
VIF is interpolated, following the proposal of Schmidt et al. (2002), using the velocities
and the viscosities of both domains to

ﬂ Vad_|_ 1 ‘/Cad
yIF = ANa'd ~ ANe'c (3.7)

4 1
AN, T AN,

Here, Vd“d and Vc“d are the tangential velocity components in the cells adjacent to the
free interface within the corresponding phases, while AN; and AN, are the interpolation
distances from the interface to the cell center. Further, the dynamic coupling condition,
balancing the shear stress, gives a relation for the normal gradients of the tangential
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Figure 3.9: Local velocities and gradients at the discrete free interface based on the local Cartesian
coordinate system.

velocity at the interface AV/T/ ANd}IF and AVIF/ ANC|IF, in the respective phase.

The interface velocity and the gradient of the tangential velocity normal to the free interface
are used to couple the domains. Assuming a viscosity ratio ji < 1, the velocity

0
Uit = [ vIF (3.8)
0

is prescribed as boundary condition at the interface in the disperse phase. The shear
stress balance is used to prescribe the discrete normal gradient of the tangential velocity
as boundary condition at the interface of the continuous phase domain

(3.9)

)

using the shear-stress balance at the free interface, with AV./AN,|'F and AVIE /AN,
appearing as gradients of the tangential velocity normal to the interface. If a viscosity ratio

‘IF

i+ > 1 is present, the velocity is prescribed in the in the continuous phase and the normal
gradient of the tangential velocity is used for back coupling in the disperse phase.

5. Solution of governing equations
The system of governing equations is set up and solved using a modified version of
the pressure-implicit-split-operator (PISO) algorithm, provided by OpenFOAM 2.1.0, cf.
Weller et al. (1998). Therefore, the Navier-Stokes equations are set up for each phase,
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using the splitted pressure gradient, appearing to

U, (= = 1 oop
87; + <Up : V) Up = —VPp,dyn + ?@szp - VPp7stat‘ (3'10)

The momentum balances are inserted directly into the continuity equation of the corre-
sponding domain and the systems of equations are collected in one matrix. In the inner
iteration loop, a Gauss-algebraic-multi-grid (GAMG) solver is used to solve for the dy-
namic pressure field, until the absolute residuum of Res < 1077 is reached. The governing
system of equations is set up four times to compensate for the mesh skewness. Each time
it is solved four times to compensate for the mesh non-orthogonality to the numerical
solution, as proposed by Ferziger and Peric (2008). Afterwards the velocity field is recon-
structed.

The following discretization schemes are used for the single terms: As mentioned before,
the explicit Euler scheme is used for the temporal discretization, achieving a first-order
accuracy in time. The spatial derivatives within the convection and the diffusion, the
gradients, and the interpolations are all discretized using a linear interpolation approach,
giving second-order accuracy of the numerical solution in space. The oscillating behavior
of the spatial scheme is compensated by a limiting approach, while the influence of the

mesh skewness to the evaluation of gradients is fully corrected. Both options are provided
by OpenFOAM, cf. Weller et al. (1998).

6. Convergence check
At the end of the iteration loop, the numerical solution is checked for convergence. There-
fore, the forces acting on the interface are balanced in axial direction, see figure 3.10. In

WZ,d vPst(ltk

<

al >

- P -
A

Figure 3.10: Schematic force balance at the steady-state free interface.

steady-state, the axial pressure force fyp has to be in balance with the axial frictional
force f,, at the free interface. The solution converges towards the steady-state, when the
sum of forces in axial direction

fres = fVP + f/u
fop = ZP}F EF RIF (ii - &y),
BIF (3.11)
-1 AV
Re. o AN,

EIF RIF (T_i . 52) ,

Fu

converges towards fr.s — 0 for it — co. Convergence is achieved, when the relative sum
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of forces decrease for at least three orders of magnitudes, cf. Ferziger and Peric (2008),

Fres.it <1073, (3.12)

res,l

fres,rel =

Here, fres,1 represents the initial value for the first iteration ¢t = 1. If the relative sum of
forces does not fulfill the condition further iterations are performed, following the scheme

in figure 3.7.

The steady-state velocity fields U, and U, are used for the simulation of the reactive mass

transport.

3.2.4 Reactive mass transport

The transient reactive mass transport is simulated in the last step of the simulation concept.
The discrete domains and the corresponding steady-state velocity fields ﬁd and U, are used.
A detailed description of the steps of the solution procedure, sketched in figure 3.11, is given

Initialization

FOT,A =0

«— Time step width AFo, 4

A\

< ’ Update interfacial
= concentration CsfiF
<
+ >
< v
< 9
) = Solve governing

—
< qé transport equations
< =
g, v
S
= Post processing
g
=
S

no Convergence check
Fq>0.95
yes
7
End

Figure 3.11: Scheme of the reactive mass transport algorithm.

below:

1. Initialization
At the beginning, Fo, 4 = 0 is set, the set of dimensionless parameters, i.e. Pe, 4, D A, M,

A, ¥ and Ha, 4, is loaded, as well as the corresponding discrete domains, the steady-state
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velocity fields of the assigned solvents U, and U,, the initial field data and the boundary
conditions for the concentration fields of solutes A and B, see figure 3.12. The solutes
cannot be transported through the capillary wall. The boundaries in flow direction are
periodically coupled and the symmetry condition holds at the center line. Each solute is
dissolved homogeneously in the raffinate respectively the extract solvent, at the beginning

ie. C’? 4 = 1 and CSB = 1, if a chemical reaction is present, otherwise 0603 =0 is
prescribed.
0Cs;
OoR, — 0
riodi . ..
periodic interface periodic
R
A . .
per per
Cszi Csi
—_— - . i
- acs,i _
4 or =0

Figure 3.12: Boundary conditions for each solute for the simulation of the mass transport.

2. Time step AFo, 4
Again, the explicit Euler-scheme is used for the temporal discretization, compare equation
3.3, and one global time step AFo, 4 is used for both domains. Adapted to the mass
transport, only the diffusion number Di;, for each cell j changes to Di; = AT/ (PejEjQ),
with Pe; being the Péclet number assigned to the cell j. With the same stability criteria
as for the steady-state two-phase flow, the global time step is derived, cf. Ferziger and

Peric (2008), to
Pe, 4 FE2 ,
Cr A Zmin i (1, é, %) , min 2_,&
2 Dy Dy U]

Here, both solvents are engaged to determine one global time step. The global time step

(3.13)

is kept constant for the transient simulation, since the underlying velocity fields and all
other influencing parameters remain constant.

3. Update interfacial concentrations
The concentrations of solutes A and B at the free interface are updated in relation to the
interfacial conditions. The discrete formulation of the interfacial conditions is used, ex-
emplary shown in figure 3.13 for solute ¢. Gradients normal to the interface are described
by a linear approximation, according to the common numerical practice. By combina-
tion of both interfacial coupling constraints, formulations for the dimensionless interface
concentration for the solute i are derived to

D; ad 1 ad D; ad 1 ad
OIF _ BN, Cei + an; O 1r _ AN, Cei T A Ori
e 1 + D, ’ et 1 m; Dy ’
m; AN, AN AN, AN,

(3.14)

Here, C’T{f and Cgf are the concentrations at the interface of the corresponding solvent
and Cff’“il and C’gfil are the concentrations adjacent to the free interface, i.e. at the cell
centers next to the interface. Further, AN, and AN, are the interpolation distances from
the interface to the cell centers.
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Figure 3.13: Local discrete concentrations and gradients at the free interface, depicted for solute 1.

The presence of solute B is restricted to the extract solvent, by engaging an appropriate
distribution coefficient. Hence, the solubility is modeled based on the underlying physical
principles.

The formulation of the interface concentrations of each domain is independent of the
transport direction and the transport parameters, i.e. the diffusion coefficients. The
coupling procedure is mass conservative, as the conservation of fluxes at the interface is
taken into account.

4. Solve transport equations

The transport equations are set up for each solute in both solvents and summarized in
solute specific matrices. The Gauss-algebraic-multi-grid (GAMG) iterative solution algo-
rithm is used for the iterative solution of the concentration fields of both solutes. Each
matrix is solved until the residuum proves to be below Res < 10~8. Both matrices are
solved in series, each set up four times to compensate for the mesh skewness, in the inner
iteration loop. Each time the equations are solved again four times with constant ma-
trix coefficients to compensate for the mesh non-orthogonality and the mesh skewness, cf.
Ferziger and Peric (2008).

The following discretization schemes are used: As mentioned before the explicit FKuler-
scheme is used for the temporal discretization, providing first-order accuracy in time,
while a linear approach is used for the discretization in space, ensuring second-order ac-
curacy. A limiting approach, provided by OpenFOAM, cf. Weller et al. (1998), is used for
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the convective term, to prevent oscillations during the numerical solution.

5. Post processing
In each time step AFo, 4, the dimensionless local volumetric mass-transfer coefficient dJS7,
the dimensionless volumetric mass-transfer coefficient Si, and the local portions Si*” with
P = F,WF, B, compare figure 2.1, are evaluated based on Fick’s law, cf. Fick (1855), to

AC, 4 |TF
1 AN,
dSi= ————E""R'" | AR 1
Si o > AC, R O (3.15)
g AFOT”A
Sif = 3" (dSi), (3.16)
EIF.P
Si=>" dsi (3.17)

EIF

The spatial distribution of the interfacial portions is derived from the saddle points with
the tangential interfacial velocity V/¥(Z) = 0. In the formulations, the discrete gradient
ACr 4/ ANT‘IF at the interface is used. Further, the relative wall-film concentration is
evaluated to

1 1
I'= CWF AWFRWF AFo Al 318
Fo, 4 ZjWF A}/VFR}/VF AFZOT.A ];P scA,j* g j T, ( )

with jWF assigning the cells inside the wall film, with cell area A}’VF , the radial position
R}’VF , the dimensionless concentration in the solvent assigned to the continuous phase

inside the wall film CJ} ..

6. Convergence check
At the end of each iteration loop, the extraction rate Fj is calculated to evaluate the
progress of the transient process, compare equation 1.17. Convergence is achieved, when
F4 > 0.95 is reached. If the extraction rate is below the threshold, another iteration loop
is performed.

3.3 Numerical tests

Numerical tests are performed to validate the implementation of the interface-tracking method
and to examine the numerical quality. First, the steady-state two-phase flow and then the
reactive mass transport are investigated.

3.3.1 Steady-state two-phase flow
The coupling scheme and the pressure loop are investigated using the theoretical test case of a
parallel gap flow between two semi-infinite plates, before the slug flow is examined.

Parallel flow between two semi-infinite plates

The incompressible, immiscible and Newtonian steady parallel two-phase flow between two semi-
infinite plates with a plain interface is chosen for the validation of the pressure driven flow and the
coupling scheme, since an analytical steady-state solution is known, see e.g. Bird et al. (2007).
The scaled two-dimensional test case is sketched in figure 3.14, including geometric properties,
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velocities, flow parameters and boundary conditions. A Cartesian coordinate system fixed to
the interface (Z,Y') with velocities (W, V') is used as sketched in the problem definition. The gap
height g, the average gap velocity w and the according flow parameters are used as references
for the scaling. The interface-tracking method is applied to the test case. An Cartesian mesh,
with a spatial reference resolution of E'f' = 1072, is used to simulate the two-dimensional flow.
The dimensionless analytical solution for a straight interface is

VP, _ _n 9P _
stat WfO,VfO,a—YfO
‘ WY)W =1
fluid I: Rey RIF o
‘F periodic » periodic
0 YLV Auid TT: Ber » interface
Top
Y ;Z7 W

/

W=0V=0%=0

Figure 3.14: Two-dimensional parallel gap flow between two semi-infinite plates, including the
geometric properties, velocities, flow parameters and boundary conditions.

1 3 1
Wiana(Y) = =V PyuRer [ -Y?+ Y — 05-Y)), 3.19
Tana(Y) 2Vstt €I< +2 1-1-/1( )) (3.19)
1 1 5 1 1
WII,ana(Y) == ivpstatRelﬁ -Y + §Y + 1 1 Y ]. (320)

The spatial velocity profiles W(Y') depend on the ratio of the viscosities i = pr/purr and the
Reynolds number Rej. For comparison the numerical and the analytical velocity profiles for
Woum (Y) and Wepe(Y) for Rey = 1, i = 0.1, and Rey = 20, i = 2 are plotted in figure 3.15.
The simulation results are hardly influenced by the spatial discretization and perfect agreement
is achieved. The examination of the influence of the spatial distribution is therefore not presented
here. The maximum local deviation of the solutions

Wi (Y) ‘

Wona (V) (3.21)

ew = ‘1 —
is as little as ey < 0.1% in both phases. Further, the absolute static pressure gradients of the
numerical solutions give |V Pyt num| = 4.381 and |V Pt pum| = 0.875, with a relative deviation
of egp < 0.01% compared to the analytical solution, with eyp defined analogous to equation
3.21. The implementations of the coupling scheme and the pressure loop appear to be perfectly
validated.

Slug flow

The implementation is now applied to the slug flow. A slug flow configuration with Ca, = 1072,
Re. = 10, i = 1, Lpe = 4 and V = 1 is chosen. Further, the spatial resolution at the free
interface of ETF = 4.1073 is prescribed. The flow topology, shown in figure 3.16, is in good
agreement with reports from literature, compare with the simulation results by Dittmar (2015)
illustrated in figure 1.4b. The convergence of the numerical simulation model can be detected
from the evolution of the relative sum of forces f.cs e at the interface, plotted as a function of
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Figure 3.15: Local gap flow velocities Wy, (Y) and Wa,a(Y) as function of the coordinate Y: a)
Comparison of velocity distributions for Re; = wg/u;r = 1 and i = 0.1; b) Comparison of velocity
distributions for Rer; = 20 and g = 2.

WZ,d V Pstat
L

Figure 3.16: Slug flow stream lines resulting from the steady-state two-phase flow algorithm for
Ca. =1072, Re, =10, i =1, Ly, =4 and V = 1 in half section.

the relative number of iterations it/ity,q, in figure 3.17a. The sum of forces decreases by three
orders of magnitude as the number of iterations increases and the solution converges towards a
steady-state solution, cf. Ferziger and Peric (2008). The absolute value of the static pressure
gradient |V P|, , at the end of the simulation is practically independent of the spatial resolution
at the free interface E'F' see figure 3.17b. This can be derived from the small slope of the
linear regression. The mesh independent solution can be extrapolated from the regression for
ETF = 0 and the largest deviation is about ey Pmaz = D% for the lowest resolution. Hence,
the simulation results are hardly influenced by the spatial discretization. The magnitude of the

steady-state static pressure gradient |V P/, , of the reference flow configuration is compared to

sta
the simulation results from Dittmar (2015), which provide the steady-state interface. Moreover,
the experimental correlation of Jovanovié et al. (2011) is included for this comparison, given in

dimensionless form by

AP
Lye

8 (1) Wia 32 (1)
I W) TG o L 30

= + ,
Ré? Ca,

‘vp‘stat = ' Rec (1 - ﬁ) Rec Ld

with the dimensionless length of the disperse phase Ly = lg/d. The slug length is directly
extracted from the interface. In figure 3.18a all results for the static pressure gradient are
plotted as a function of the Reynolds number Re.. The simulation results of Dittmar (2015)
show a deviation of eyp < 0.1%, while also the correlation is in perfect agreement. Further,
the change of the static pressure gradient due to a change of the viscosity ratio, the volumetric
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Figure 3.17: Slug flow steady-state two-phase flow algorithm: a) Relative sum of forces fres rer as
function of the relative number of iterations it/it,,qe; b) Driving static pressure gradient |V P|
as function of the spatial resolution E1F".

stat

60 T \\\ T T T T T T T T T 8
a) . ' b)
\ X numerical X numerical
é O Dittmar et al. - — - Jovanovic et al. X/
\ - — — Jovanovic et al. -7
— | \ H — Phd
| 40 \ | 6 Pad |
\ L -
+ \ 7
S \ 3 o7
_® \ _® It
5, | % L
B 20 R 1 B4 oo 2
N -
\\\ X B P
& _ i
\@ - -
0\\\\\\ Lol ‘;‘\—m 2 | | | 1
10° 10t 102 0.5 1 15 2
Re, [-] i [-]

Figure 3.18: Slug flow steady-state two-phase flow algorithm: a) Comparison of the static pressure
gradient |VP|,,,, as a function of the Reynolds number Re.; b) Comparison of the static pressure

gradient |VP|_, ., as a function of the viscosity ratio fi.

ratio and the element length is investigated and compared to the experimental correlation of
Jovanovié¢ et al. (2011). The results of this comparison are collected in figures 3.18b, 3.19a,
and 3.19b. A maximum error of eyp = 38% is present in comparison to the correlation of
Jovanovi¢ et al. (2011) for the lowest viscosity ratio. All trends are predicted properly by the
numerical method. It must be kept in mind that the experimental correlation, equation 3.22,
may also contain errors to some degree. The perfect agreement of the present simulations with
the simulations by Dittmar (2015), see figure 3.18a, gives confidence that, despite the different
numerical methods, both simulations reflect the physics correctly. The corresponding driving
pressure gradients from the reference simulation model, cf. Dittmar (2015), are further in a
perfect agreement and not shown therefore in the diagrams.
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Figure 3.19: Slug flow steady-state two-phase flow algorithm: a) Comparison of the static pressure
gradient |VP|,, , as a function of the ratio of volumetric flow rates V'; b) Comparison of the static

pressure gradient |V P, , as a function of the periodic element length L,..

3.3.2 Reactive Mass Transport

Similar to the two-phase flow, the reactive mass transport is validated in two steps: The reactive
mass transport algorithm is validated on basis of the mass transport in a parallel gap flow, where
an analytical solution is available. Further, the method for the mass transport is applied to the
slug flow to study the evolution of the volumetric mass-transfer coefficient and the influence of
the spatial resolution.

Reactive mass transport in parallel flow

Due to the presence of an analytical solution the test case of reactive mass transport in a parallel
flow with a plane interface is chosen for the validation of the mass transfer coupling scheme and
the influence of the reaction rate. The test case, including boundary and initial conditions,
geometric as well as the dimensionless parameters, is presented in figure 3.20. Solute A enters
the raffinate solvent and is then transferred into the extract solvent, where is can react with
solute B. The gap height g, the constant velocity profile w, and the transport and chemical
parameters of solute A are used for scaling. A spatial resolution of E/f' = 4.1073 is used. For

0C, 4

{i? )
Y > E—
finate: P Cr.A JW=W=1 ac
‘ raffinate: Pe, 4 > A
Cra=1 > EIF’_l 27 =0
— k)
Il ‘ > o0
O LY extract: » interface 7 =0,
Ce,'B =1 ﬂA,mA,)\,w,Ha&A Cod > 0Cen
’ 0z
4 /Z >
0Cen  n 0Cen
Yy O’ oy 0

Figure 3.20: T'wo-dimensional reactive mass transport in parallel flow, including variables, bound-
ary conditions, and dimensionless parameters.

a large ratio of convection and diffusion, i.e. for a large Péclet number, an analytical solution
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can be derived, cf. Wolf (1998) or Crank (1976). The analytical solution for the concentration
field is

Y —-0.5
Craana(Z,Y) = 1+my erf [ ——= ||, (3.23)
R 1 + mgy 4 Z
Per,A
05-Y
Ce,fl,ana(27 Y) - A 1+ ma erf | ——— . (3.24)

l—l—mA\/iA)A 4 g?ﬁ

The analytical solution for the concentration of solute A depends on the Péclet number Pe, 4,
the ratio of the diffusion coefficients D4, and the distribution coefficient m4. Two configurations
are investigated to study the coupling and the influence of the reaction rate. For the physical
mass transfer, Pe, 4 = 103, my = 2, and D 4 = 2 are chosen, while a quasi first-order chemical
reaction is used with the additional parameters ¢» = 1073, A = 1 and Ha, 4 = 10* for the
investigation of the influence of a chemical reaction. Here, the concentration fields have to
converge against the analytical solutions for Dy — oo in conjunction with the instantaneous
chemical-reaction system of quasi first order. The concentration profiles along the Y-axis are
compared to the analytical solutions at a certain position Z = 0.5, see figure 3.21a and 3.21b.
Perfect agreement is achieved, as the maximum error €c, defined analogously to equation 3.21,

) 1 T T T b) 1 T T T
a
x Cs,A,num(Y) x Os,A,num(Y)
0.8} - s,A,ana(Y) i 0.8 - s,A,ana(Y) 7
....... interface -+ interface
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Figure 3.21: Local parallel flow concentration profile Cs 4 pum and Cs 4 ana as function of the
coordinate Y: a) Physical mass transport with Pe, 4 = 103, Dy = 2, my=2. b) Reactive mass
transport with Pe, 4 = 103, Dy = 2, ma=2, A=1, ¢ =103, Hae q = 10%.

is as low as e¢ < 1% for both cases. Further, the numerical method allows access of the local
values at the free interface for the derivation of the spatial distribution of the local dimensionless
volumetric mass-transfer coefficient dSi along the interface, i.e. along the dimensionless Z-axis,
normalized to its maximum value dS%,q.. The result is given in figure 3.22 for Fo, 4 — o0,
such that in all cases a steady-state solution is attached, since the extraction rate cannot be
used as abort criteria. Both cases provide almost the same normalized spatial distribution. The
deviations to the analytical solution, defined again analogously to equation 3.21, are €g; maz = 3%
and €4gimaz = 18%. The largest deviation appears near to the singular point at the inlet, i.e.
for Z = 0, as expected. In summary, the implementation of the numerical algorithm for the
simulation of the reactive mass transfer appears to be valid and suitable for the investigation of
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Figure 3.22: Parallel flow validation of reactive mass-transport algorithm: Local dimensionless
volumetric mass-transfer coefficient dSi, normalized to its maximum (5%),,4. as function of the di-
mensionless coordinate Z.

the local mass transfer at the free interface.

Slug flow

The reactive mass transport algorithm is applied to the slug flow to study the temporal evolution
and the influence of the spatial discretization. Corresponding to the two-phase flow tests, the
slug flow configuration with Ca, = 1072, Re. = 10, i = 1, L. = 4 and V = 1is used as basis for
the simulation of the reactive mass transport, with and without chemical reaction, and a spatial
resolution of E/¥ = 4.1073. The raffinate solvent is assigned to the disperse phase. Firstly, the
temporal evolution of the mass transport is investigated for the limiting parameters Pe, 4 = 105,
my =1 and Dy = 1, without chemical reaction, i.e. CS,B = 0 (I). The extraction rate Fj is
plotted as a function of the Fourier number Fo, 4 in figure 3.23a, simulated until F4 = 1 in
contrast to the threshold presented for the description of the algorithm. The extraction rate
increases towards Fy = 1, while the relative amount of transferred mass decreases as time
increases. The extraction rate Fq; = 0.95 is reached at approximately half of the extraction
time and the second half of the extraction time is spent for the last 5% of the transient process.
The transient process is further characterized by the dimensionless volumetric mass-transfer
coefficient 5%, that is plotted against the extraction rate F)q in figure 3.23b. Coming from infinity,
the graph decreases and converges towards a limiting value, as expected from other results in
literature, cf. Clift et al. (1978). The value Si(Fq = 0.95) deviates less than eg; < 4% from the
limiting value for Fjy = 1. In conclusion, in the following the dimensionless volumetric mass-
transfer coefficient Si(F4 = 0.95) represents the mass transport process at good accuracy. This
result justifies the use of Fy = 0.95 as abort criteria for the reactive mass-transport algorithm.

At last, the influence of the spatial discretization onto the reactive mass transport is studied.
Therefore, two additional configurations are considered: The case of moderate convection (II),
ie. Pe g4 = 104, my = 1, Dy = 1, and the same case with additionally a fast second-order
chemical reaction (III), i.e. ¥ =1, A =1, and Ha. 3 = 10*. The evolutions of the dimensionless
volumetric mass-transfer coefficients are shown in figure 3.23b and the dimensionless volumetric
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Figure 3.23: Slug-flow reactive mass-transport algorithm: a) Extraction rate F4 as a function of
the Fourier number Fo, 4 for test case (I); b) Dimensionless volumetric mass-transfer coefficient Si
as a function of the extraction rate F 4 for all test cases.
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Figure 3.24: Slug-flow reactive mass-transport algorithm: a) Dimensionless volumetric mass-
transfer coefficient at the end of the transfer process Si(F4 = 0.95) as a function of B for all
test cases; b) Deviation eg; as a function of the spatial resolution E¥ for all test cases.

mass-transfer coefficient Si(Fy; = 0.95) is plotted in figure 3.24a as function of the spatial
resolution Si(E'F = 0) for the three cases. The extrapolated values for E/f = 0 represent
the mesh-independent solutions, cf. Ferziger and Peric (2008). The mesh independent solution
Si(ETF = 0) is used for the calculation of the error

Si(ETF)
Si(B1F = 0)

€9; = ' y (325)
defined analogue to equation 3.21, shown in figure 3.24b. The symbols are connected by dotted
lines to allow for a graphical interpretation of the graphs. The configuration with intense convec-
tion (I) shows the strongest dependency on the spatial discretization, while the other two cases
with moderate convection (II), and a fast chemical reaction (III), show a weaker dependency.
Considering the simulation time, that increases about quadratically when the spatial resolution
is increased, cf. Anderson and Wendt (2009), and the requirement to arrange at least five cells
in the radial direction in the wall film at each position Z, results in the choice of a spatial

57.6
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resolution of E'¥ = 4.1073. With this spatial resolution the transient reactive mass transfer at
the free interface is sufficiently represented, giving an overall error of €g; maz < 2%.

In summary, the interface-tracking method and its implementation proves to represent the re-
active mass transport and the local mass transfer in the liquid/liquid slug flow micro-capillary
reactor at very good accuracy almost independent of numerical diffusion. The benefit of the me-
thodical effort is emphasized here, since the effect of numerical diffusion is minimized compared
to similar studies using the volume-tracking approach, cf. Kashid et al. (2010) or Di Miceli
Raimondi et al. (2008).
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Test systems

The evolution of the volumetric mass-transfer coefficient in the liquid/liquid slug-flow micro-
capillary reactor is examined experimentally for two test systems and compared to the results of
the adapted simulation model. The used experimental setup and the measurement procedure are
described and the flow, transport and chemical parameters are derived. Finally, the experimental
volumetric mass-transfer coefficients are compared to the adapted numerical simulation model.

4.1 Experimental setup

The experimental setup is in accordance with the structure of a two-phase micro channel, com-
pare section 1.3.1. A flow diameter of d = 1 mm is used throughout the slug-flow micro-capillary
reactor and the operation with a liquid/liquid extraction system consisting of a polar and a non-
polar liquid solvent, i.e. practically immiscible, is given. A T-junction, manufactured at TU
Dortmund, and made of Poly-Ether-Ether-Ketone (PEEK), is used for the generation of the
slug flow in two different arrangements. Figure 4.1 shows the two arrangements with the main
measurements and phase feeds. In configuration (a) both phases meet in counter-flow, while
in configuration (b) a co-flow arrangement is used. For configuration (b) a hypodermic needle
of steel is introduced into the T-junction, which has an inner diameter of 0.6 mm with a tip
cut normal to the axis to ensure a stable generation of the slug flow. The developed co-flow
arrangement is emerges from the evaluated experimental data in conjunction with the physical
mass-transfer system and shows a high influence to the data evaluation and the comparison
with the simulated data, compare section 4.4. The phases enter the junction with the volumet-
ric flow rates of the disperse phase Vd and the continuous phase Vc, with Vtot = Vd + Vc A
piston pump module, Fischer Scientific KDS200P with Fortuna Optima glass syringes, is used.
The residence-time unit consists of a straight Fluorinated-Ethylene-Propylene (FEP) tube, CS-
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Chromatographie Service Gmbh Germany, a transparent polymeric compound, with constant
circular cross-section. Thus, the continuous phase is formed by the nonpolar liquid and the
polar liquid forms the disperse phase.

The separation unit is developed by Hohmann et al. (2016), manufactured at TU Dortmund,
and engages the wetting properties for the phase splitting. As shown in the sketch in figure 4.2,
the flow pattern enters the splitting unit through a connection made of PEEK and is directed
onto a steel sleeve, that separates the phases. The steel sleeve is preferentially wetted by the
polar phase and passes the sleeve preferentially, while the nonpolar phase is directed into the
opposed outlet. The wetting properties of the surfaces at the outlets, in form of steel and Poly-
chlortriflourethylen (PCTFE), supports the splitting. The degree of separation is better than
98% and the time scale for separation is small compared to the time for mass transfer in the
residence-time unit, cf. Kurt et al. (2016).

The whole setup is operated inside a temperature controlled water bath to ensure isothermal
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the measurement of the length is about 0.1% of the length of a periodic element, resulting from
the projection onto the digital camera chip, and the camera unit appears to be sufficient for the
investigation.

The experimental setup with related units and the single mechanical device show tolerances, that
are in the same range as in other micro reactor investigations involving multiphase applications,
see e.g. Kashid et al. (2007b), Scheiff et al. (2011), Jovanovi¢ et al. (2012), Hohmann et al.
(2016), or Kurt et al. (2016). Accordingly, all tolerances are assumed to be within sufficient
limits for the present measurement purpose and only checked specifically when errors or doubts
occur.

4.2 Measurement procedure

The measurement procedure is illustrated in figure 4.4. The role of the phases is assigned
to the solvents by the initial presence of the solutes A and B, corresponding to the initial
dilute concentrations 027 4 and cgﬁ, that are set with a laboratory balance, which provides a
sufficient tolerance for the solvents preparation. The transferred amount of mass is evaluated
from taken samples for the corresponding section length lg, varied between the minimum length
lmin and the reactor length [... The minimum length l,,;, is chosen as close as possible to
the generation unit, ensuring a developed slug flow is ensured before the separation unit is
entered. The reactor length [,.. is derived from the design criterion for a extraction rate of
F, = 0.95, that is derived initially from a separate set of experiments. The adaption of the
length of the polymeric capillary appears to be easy adaptable with in combination with the

modular structure, with an acceptable tolerance of 1 mm. The transferred amount of solute A
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for the given mass-transfer test system, based on a representative volumetric amount of the
taken samples, i.e. at least 2 ml. The volumetric average concentration ¢, 4(ls) of solute A is
evaluated considering at least three samples for each section length during three separate runs,
ensuring a reasonable accuracy of the measurement. The corresponding mass-transfer time can
be derived from 7,,(lg) = 4Vtot/(d27rlg), with Vier = Vi + V. as total volumetric flow rate. The
volumetric mass-transfer coefficient ka(7,,) and the extraction rate Fj4(7,;,) are evaluated based
on the slug flow modeling approach, presented in chapter 2. The possible measurement error,
that appears from the adaption of the section length has only a weak influence, compare with
used section length in section 4.3.

4.3 Mass-transfer systems and process parameters

Two mass-transfer test systems, a physical and a reactive test system, are chosen for the in-
vestigation of the evolution of the mass transfer with the described experimental setup and
in conjunction with the measurement procedure. The flow, transport and chemical parame-
ters of the mass-transfer systems, experimental and process conditions, and sample analysis are
described below for each test system.

4.3.1 Physical mass transfer

The physical mass transfer is studied using a standard mass-transfer system, proposed by Misek
and Berger (1985), consisting of butyl acetate (CAS:123-86-4), demineralized water, and acetone
(CAS:67-64-1). In the present application, the acetone is initially dissolved in water, forming
the raffinate solvent, and transferred into the butyl acetate, the extract solvent. Due to the
wetting properties of the polymeric tube, the butyl acetate forms the continuous phase, due
to its nonpolar character, and water the disperse phase. Initially, the small specific acetone
load of w, 4 = 0.04 kg/kg is set in the raffinate solvent, corresponding to a initial concentration
of cg’ 4 = 0.0684 mol/l. The initial load appears as reasonable ratio of a small initial concen-
tration to the measurement error, as derived from test measurements. Since only the physical
mass transfer is in the focus, the solute B is not present, i.e. 0273 = 0 mol/l. The influence of
Marangoni convection can be ignored, because of the small concentrations, cf. Wolf (1998).

The physical mass-transfer system is used in conjunction with the counter-flow arrangement of
the slug generation unit, see figure 4.1a. A gas chromatograph, 7820A, Agilent Technologies,
Switzerland, is used for the chemical analysis of the samples of the raffinate and the extract
solvent. Each sample is evaluated three times to compensate the tolerances of the gas chro-
matograph and the evolution routine.

All flow and transport properties are obtained by a weighted average, whereas the weighting
is based on the mass fractions and the respective properties of the mutual saturated solvents.
For the raffinate solvent, the mean mass fraction of w, 4 = 0.03 kg/kg is used, while the mean
mass fraction of the extract solvent is w. 4 = 0.01 kg/kg, cf. Misek and Berger (1985). Only the
distribution coefficient is derived from own measurements. All fluid and transport properties are
collected in table 4.1, as basis for subsequent studies. Binary diffusion coefficients are derived
based on the modeling approach.

Three different total volumetric flow rates are used, while the ratio of both flow rates remains
V = Vd/f/'C = 1. These total volumetric flow rates are Vs = 2 ml/min, Viet = 4 ml/min,
and V,}Ot = 6 ml/min. The reference flow rate is selected to be Vref = 4 ml/min. Based on
the reference flow rate, the reactor length is derived to be [, = 600mm and the minimal
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Table 4.1: Physcial mass transfer: Flow and transport properties, derived from Misek and Berger
(1985), besides the distribution coefficient, that is estimated by own batch experiments.

Qc 0d td fhe o Dy De g mg
kg/m® kg/m® 107%kgm/s 10 kgm/s 107%kg/s® 107 %m?/s 10 %m?2/s -
994 881 1.13 0.732 11.5 0.998 2.20 0.997

length is given by I, = 100 mm. In total, S = 8 different section lengths in the range
100 mm < g < 600 mm are used for the experimental investigation, namely Iy = [,,,;, = 100 mm,
lo = 150 mm, I3 = 225 mm, Iy = 300 mm, [5 = 375 mm, lg = 450 mm, [y = 525 mm and
lye = 600 mm.

The periodic element lengths are determined for each total volumetric flow rate based on the
three different section lenghts 4 = 300 mm, l5 = 375 mm, and lg = 450 mm. At least 15
measurements of the periodic element length [, are averaged for each section and each volumetric
flow rate, as summarized in figure 4.5, including the standard deviation error bars. The average
length of the periodic elements Zpe decreases slightly with increasing volumetric flow rate, as
reported by de Menech et al. (2008). The deviation is calculated to

e

, (4.1)

€lpemas = AT

pe

and the average length appears as arithmetic average of the deviation for a volumetric flow rate.
The reason for this behavior is directly derived from continuity, in particular shown by equation
1.9. As the average flow velocity increases, due to an increasing volumetric flow rate, the wall-
film thickness and the velocity of the disperse phase increase. Accordingly, the volume fraction of
the disperse phase (4 decreases as an constant volumetric flow rate is prescribed. The maximum
spread of the measured periodic element lengths for each section length is €, mar = 31%. The
average deviation is €, = 15%. Indeed, these considerable deviations of the single and average
periodic element lengths have been observed during the experiment for the counter-flow mixing
junction, c.f figure 4.1a. The average periodic element length is I, ~ 4.80 mm in all cases.
The derived dimensionless parameters are summarized in tables 4.2 and 4.3, separated into
dimensionless parameters that depend on the volumetric flow rate and constant dimensionless
parameters. The dimensionless periodic-element length is calculated based on the averaged
periodic element length for each volumetric flow rate. The modeling assumption Ly./Pe, 4 < 1
of the slug-flow approach is obviously fulfilled, compare chapter 2.

Table 4.2: Physical mass transfer: dimensionless flow and transport parameters, that depend on
the volumetric flow rate.

mot Re, Ca. P €r.A Lpe
ml/min 10> 1073  10% .

2 0.511 2.70 42,5 5.46
4 1.02 539 85.0 4.80
6 1.53 889 1280 4.30
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Figure 4.5: Physical mass-transfer system: measured average periodic element length I,,. as function
of the investigated total volumetric flow rates V;u;.

Table 4.3: Physical mass transfer: constant dimensionless flow and transport parameters, indepen-
dent of the volumetric flow rate.

f Vi Dy my

[ (¥

0.887 1.54 1.00 2.20 0.997

4.3.2 Reactive mass transfer

To study the reactive mass-transfer the test system consisting of kerosene (CAS:8008-20-6) and
water (demineralized water) in conjunction with acetic acid (CAS:64-19-7) and sodium iodide
(CAS:1310-73-2) as solutes A and B is chosen, since the test system has found application in
related research efforts, see e.g. Burns and Ramshaw (2001), Harries et al. (2003), Kashid et al.
(2007a), or Dessimoz et al. (2008). In relation to the experimental setup the nonpolar kerosene
wets the channel walls and disperse aqueous slugs occur. Acetic acid is dissolved initially in
kerosene, i.e. the raffinate solvent, and transferred into water, i.e. the extract solvent, where it
reacts with sodium iodide. The solutes react in an equimolar ratio, cf. Mortimer et al. (2015)
described by the elementary reaction equation

1 A+1 B — Products. (4.2)

An initial mass fraction of acetic acid in the organic solvent of wg’ 4 = 0.04 kg/kg is used, i.e.
087 4 = 0.550 mol/1, while half number of molecules is initially present in the extract solvent, i.e.
ch = 0.275 mol/1. The initial loads are chosen as compromise between the assumption of dilute
concentrations and the measurement accuracy in conjunction with the physical mass-transfer
system, compare section 4.3.1. The experiments are performed within the co-flow arrangement
of the mixing junction, see figure 4.1b. The chemical analysis is performed by titration of the
extract solvent, on basis of hydrochloric acid or sodium iodide, in conjunction with Phenolph-
thalein used as an optical indicator. Each sample is analyzed once only, due to the accurate
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chemical analysis. The concentration of the raffinate solvent and the reactive consume are de-
rived by a mass balance from the known concentration of the extract solvent. Mass fractions
of w?} 4 = 0.02 kg/kg and wg’g = 0.02 kg/kg are used for the determination all flow, transport,
and chemical parameters, summarized in tables 4.4 and 4.5. The fluid and transport proper-
ties are retrieved from the cited literature source or estimated by own measurements using the
listed measurement tool for the mutual saturated solvents. The hydrogen and hydroxide ions
are used for the modeling of the diffusion coefficients. The binary diffusion coefficient of the
proton is estimated with the correlation of, c¢f. Wilke and Chang (1955) and average molar
weight of kerosene of 170 g/mol, cf. Dagaut and Cathonnet (2006). Further, the interfacial
tension is measured in chemical equilibrium. The measured interfacial tension, see table 4.4, is
significantly lower than for the pure solvent system, given to o = 42 - 1073 kg/ s? Kashid et al.
(2007a). Additionally, the batch experiments for the evaluation of the distribution coefficient
showed a high scatter. Accordingly, the value proposed by Kashid et al. (2010) is used as it is
in good agreement with the batch experiments.

The measured interfacial tension is shown in figure 4.6 as function of the initial load in the

Table 4.4: Reactive mass transfer: Flow parameters, including sources or used measurement device.

Oc 0d He Kd o
kg/m3 kg/m3 10~3kgm/s 10~3kgm/s 10’3kg/s2
792 998 2.19 1.00 25.3
Pyknometer: Viscosimeter: Tensiometer:

(Gonzélez et al., 2004) (Gonzalez et al., 2004)

Brand (Duranglas 25cm?) Visco Tester VT 550  Kriiss K105T

Table 4.5: Reactive mass-transfer: Transport and chemical parameters, including sources or used
measurement device.

Dy Deoa ma Dz V
1079 m?/s 1079 m? /s - 1079 m?/s 10 1/ mol s
1.14 1.31 85 1.33 1.14

(Kashid, 2007),
Batch experiments

(Kashid, 2007),

(Wilke and Chang, 1955) (Wilke and Chang, 1955) (Zellner et al., 1977)

(Samson, 2003)

raffinate solvent, equal to the load in the extract solvent, including the estimated overall mea-
surement error of 5% as error bars. The strong dependence to the interfacial tension is obvious
as the interfacial tension decreases about 50% in the examined interval with, despite the low
load. The influence of the solutes to the other flow parameters, i.e. the densities and the vis-
cosities, and the diffusion coefficients is in contrast smaller than 10% in the examined range.
The influence to the chemical parameters is even smaller. A volumetric reference flow rate of
Vref = th = 2 ml/min is chosen. Additionally, the volumetric flow rates Vtot = 3 ml/min
and Vi = 4 ml/min are realized, all examined at the constant volumetric flow rate ratio of
V= Vd/ Vc = 1. The reactor length is determined to /.. = 1000 mm, based on the reference
total volumetric flow rate. The minimal length of [,,;,, = 50 mm, measured from the needle
tip to the separating steel sleeve is used and in total S = 7 sections are investigated, namely
l1 = lyin = 50 mm, lo = 100 mm, [3 = 200 mm, 4, = 300 mm, /5 = 500 mm, lg = 700 mm, and
l7 =l = 1000 mm.

The periodic-element lengths are measured for each total volumetric flow rate considering three
different reactor length, namely lo = 500 mm, /3 = 300 mm, and Iy = 200 mm. At least 15
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Figure 4.6: Reactive mass transfer: measured interfacial tension o as function of the initial load
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measurements are averaged at each reactor length and each volume flow rate. The lengths of
the periodic elements Zpe are shown in figure 4.7 as function of the total volumetric flow rate.
The periodic-element length decreases with increase of the volumetric flow rate, as reported by
de Menech et al. (2008). The increase of the velocity difference, due to the increase of average
channel velocity can be found as reason, described by equation 1.9. The maximum spread of a
measured periodic-element length to the averaged value appears to be €, e = 14%, while an
average deviation of €, = 3.4% is present. An average periodic-element length of [, ~ 2.8 mm
is determined. These small deviations compared to the physical mass-transfer system, see section
4.3.1, indicate a stable generation of the flow pattern.
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Figure 4.7: Reactive mass transfer: measured average periodic-element length Zpe for the investi-
gated total volumetric flow rates V.
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The derived dimensionless parameters are summarized in tables 4.6 and 4.7 separated into
flow rate dependent and constant parameters. The dependency of the excess factor i) on the
volumetric flow rate appears to be weak and the excess factor is therefore treated as constant.
The magnitude of the Hatta number indicates a very fast or rather instantaneous chemical
reaction and a desired mass-transfer limited transfer process. The dimensionless periodic element
length is calculated based on the averaged periodic element length for each volumetric flow rate.
The modeling assumption Ly./Pe, 4 < 1 is fulfilled.

Table 4.6: Reactive mass transfer: dimensionless parameters depending on the volumetric flow
rate.

Vtot Re, Ca. P €r.A Lpe
ml/min - 1073 104 -

2 154 3.67 3.74 296
3 23.0 550 5.61 2.66
4 307 733 748 254

Table 4.7: Reactive mass transfer: constant dimensionless parameters.

A~ A~

o pu V. Dy myg Haa A U
i (I

1.13 0475 1 1.15 8 274 1.02 1.77

4.4 Evaluation and comparison

The results of the experiments are presented and discussed in the following. The evolution of the
dimensionless volumetric mass-transfer coefficient Si, i.e. the product of the Sherwood number
Sh and the dimensionless interfacial area «, is examined as a function of the extraction rate Fly.
Further, the simulation model is adapted to the corresponding conditions in the experiments
and the simulation results are compared to the experimental findings.

4.4.1 Physical mass transfer

The comparison of the dimensionless volumetric mass-transfer coefficient Si as a function of the
extraction rate Fy, obtained from both, the experiment and the simulation, is shown is shown
in figure 4.8 for the reference volumetric flow rate of Vref = 4ml/min. The experimental di-
mensionless volumetric mass-transfer coefficient (exp) over-predicts the volumetric mass-transfer
coefficients of the simulation (sim) significantly. The discrepancy between the experimental find-
ings and the simulation results are not really surprising. In the experiment, the two liquids form
an interface in the generation unit, cf. figure 4.1a, and hence, a substantial mass transfer can
occur during the formation of the slugs, long before the slug-flow pattern is developed, cf. Zhao
et al. (2007) or Fries et al. (2008). In contrary, the simulation is valid for the developed slug-
flow pattern only. This is clearly indicated by the remaining offset between the experimentally
and stimulative obtained volumetric mass-transfer coefficients for large extraction rates, i.e. at
the end of the transfer process, see figure 4.8. Hence, strictly spoken, the initial concentration
for the simulation cannot simply be taken from the inflow in both branches of the generation
unit. Instead, the initial concentrations should be taken from the developed slug close to the
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Figure 4.8: Physical mass-transfer, comparison of experimental (exp,trend), adapted experimental
(axep), and simulation (sim) data: dimensionless volumetric mass-transfer coefficient i as function
of the extraction rate Fq for the reference flow rate Vi, = Viey = 4 ml/min.

generation unit.

Formally, this problem can be solved by an adaption of the frame of reference, as illustrated in
figure 4.9. The generation unit is excluded from the frame of reference and instead an average
concentration, found for the shortest reactor section & 4(lmin) = c?:fxp , and the correspond-
ing contact-time 7y, (lmin), are used as initial state for the evaluation of the experiments. This
adapted evaluation of the experimental data now leads to experimentally adapted volumetric
mass-transfer coefficients (aexp) which are in good agreement with the simulation results, as
obvious in figure 4.8. The same procedure is also used for the evaluation of the other two volu-
metric flow rates in the experiment, see figure 4.10a and figure 4.10b. Once more, the very good
agreement is obtained for the adapted experimental (aexp) and the simulation (sim) results.
The adapted experimental and the simulation data converge against the same dimensionless
volumetric mass-transfer coefficient at the end of the transient process, i.e. large extraction
rates. In other words, the mass that is transferred along the shortest section length [, is
a good approximation to describe the influence of the generation unit to the overall transfer
process. The counter-flow arrangement of the generation unit obviously leads to a considerable
mass transfer during the generation of the flow pattern. The overall influence can be described
by the relative concentration difference to AC, 4(lmin) = (027 4 — Cr, A(lmm)> / cg’ 4 = 17%. This
estimation holds for all investigated volumetric flow rates in good approximation. The remaining
deviations between the experimental points and the simulation data are caused by the unsta-
ble generation of the slug-flow pattern in the counter-flow arrangement of the generation unit,
compare section 4.3.1, in combination with the adaption of the frame of reference, see figure
4.1a. The influence of the measurement error increases as a result of the adaption of the frame
of reference. The relative standard deviation for the shortest section length [,,;,, i.e. the lowest
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Table 4.8: Physical mass transfer: Dimensioned and dimensionless volumetric mass-transfer coeffi-
cients at the end of the transfer process, i.e. Fiq = 0.95, for the examined total volumetric flow rates
Vvtot-

Viee  ka(Fq=0.95) Si(Fy=0.95)

ml/min 1073 /s —
2 30.6 30.6
4 36.3 36.3
6 38.0 38.0

4.4.2 Reactive mass transfer

The dimensionless volumetric mass-transfer coefficient Si as function of the extraction rate for
reactive mass transfer is shown in figure 4.11. The comparison offers a good agreement of
numerical and experimental data. Hence, the use of the co-flow arrangement of the mixing
junction, see figure 4.1, shows only a weak or rather negligible influence on the generation
process. An adaption of the frame of reference is not necessary, so that one more measured
data point can be presented. This can be seen in the diagram, where the experimental (exp)
and simulation (sim) data converge towards the same limiting value for large extraction rates in
good approximation. The results for the other two volumetric flow rates show a similar behavior,
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Figure 4.11: Reactive mass-transfer, comparison of experimental (exp) and simulation (sim) data:
Dimensionless volumetric mass-transfer coefficient 57 as function of the extraction rate Fq for the
reference flow rate Vi, = 2 ml/min.

shown in figures 4.12a and figure 4.12b. The co-flow arrangement of the generation unit results
in a stable and reproducible process, indicated by the small scatter and standard deviations of
the experimental data points and the low deviations of the periodic-element lengths, compare
section 4.3.2.
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The largest deviation of the experimental values to the simulated data is €g; mqe = 25% for the
smallest section l,,,;,,, i.e. the lowest extraction rate, in combination and the reference flow rate,
while an average deviation of €g; = 5% is present for all values. The deviations are evaluated
analogous to €, ..., compare equation 4.3. The error bars are only plotted exemplary for the
dimensionless volumetric mass-transfer coefficient, obtained for the lowest extraction rate, in
conjunction with the volumetric reference flow rate. The low magnitude of the error results
from the use of the co-flow arrangement without adaption of the frame of reference. The other
error bars, not shown in the diagrams, offer an even smaller measurement error.

The larger deviations for the short sections, rather low extraction rates, may be caused by the
change of the flow parameters during the transfer process and the related influence of Marangoni
effects, that are not covered by the model. A noticeable dependence of the interfacial tension
to the concentration is recognized during the measurement of the fluid properties, supporting
this idea, compare section 4.3.2. This train of thoughts is confirmed as the deviations for low
extraction rates decrease with increasing volumetric flow rate, i.e. convection. The volumetric
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Figure 4.12: Comparison of experimental and numerical data for reactive mass transfer: Dimension-
less ’volumetric mass-transfer coefficient Sias a function of the extraction rate Flq: a) Vioy = 3 ml/min;
b) Viot =4 ml/min.

mass-transfer coefficients for F4 = 0.95 based on the simulation data are presented in table
4.9. The magnitudes are again in the expected range. In summary, a reasonable agreement
of the mass-transfer model and the experimental obtained values is achieved. The remaining
deviations may especially be caused by the influence of Marangoni stresses, during the transfer
process.

Table 4.9: Reactive mass tranfer: Dimensional and dimensionless volumetric mass-transfer cpef—
ficients at the end of the transfer process (Fg = 0.95) for various total volumetric flow rates Vi,
derived from the simulation results.

Viot ka  Si
ml/min  1073/s  —
2 114 97.2
3 145 107

4 161 110
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Results

The integral and local mass transfer and the influence of the parameters is examined in this
chapter based on the chosen experimental test systems, see chapter 4. First, the spatial distri-
bution of the mass transfer at the free interface is investigated in detail, a parameter study is
performed and a conclusion is given.

5.1 Spatial distribution of the volumetric mass-transfer coeffi-
cient

The volumetric mass-transfer coefficient and its spatial distribution are investigated in detail
using the experimentally validated reference cases, compare chapter 4, of the physical and the
reactive mass-transfer test systems. The spatial distribution is evaluated for a mean extraction
rate of Fq4 = 0.38 for each system.

5.1.1 Physical mass transfer

Exemplary the reference flow rate of Vo = 4 ml /min is used for the investigation of the temporal
evolution and the spatial distribution of the volumetric mass-transfer coefficient of the physical
mass-transfer system. The following dimensionless parameters Re. = 102, ¢ = 0.887, Ca. =
5.39-107%, i = 1.54, V = 1, L. = 4.80, Pe, 4 = 85.0 - 10%, Dy = 2.20, and my = 0.997
characterize the problem. The disperse phase is the raffinate solvent and no chemical reaction is
present, i.e. Cg,g = 0. In figure 5.1 the evolution of the dimensionless volumetric mass-transfer
coefficient Si, appearing as product of the Sherwood number Sh and the dimensionless specific
area of the free interface «, obtained from the adapted experiments Si(aexp) and the simulation
Si are plotted as function of the extraction rate Fy. The evolution of the simulation is further
split into its local portions Si W, Si ¥ and Si P of the wall film (WF), the front cap (F),
and the back cap (B). The volumetric mass-transfer coefficient and its portions converge all
towards a limiting value with increasing extraction rate as expected, cf. Clift et al. (1978). The
portions of the dimensionless volumetric mass-transfer coefficient Si I’ = 2.26, Si ¥ = 32.7 and
Si B =1.11 sum up to a transfer rate of Si = 36.07 at the end of the transient process, i.e. Fy =
0.95. The wall-film portion has the largest contribution to the dimensionless volumetric mass-
transfer coefficient, namely Si V¥ /St = 91%, almost constant throughout the whole process.
The contribution of the front and the back cap appears rather small, i.e. (Sif" + Sif)/Si =
9%. This is true even at the beginning of the transfer process, when the largest concentration
difference should allow for effective mass transfer.
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Figure 5.1: Physical mass transfer, reference case: dimensionless volumetric mass-transfer coeffi-
cient of experiment Si(aexp) and simulation Si(sim) and local portions Si ¥, $i V¥, and Si P as a
function of the extraction rate Fj .

The detailed analysis of the conditions at the free interface and inside the solvents gives insight
into this behavior, evaluated for the mean extraction rate of Fy = 0.38. The dimensionless
interfacial velocity {V] F !, the stream lines and the local dimensionless volumetric mass-transfer
coefficient dSi(Z), normalized with its maximum value (dS%)mqz, are plotted as function of the
dimensionless coordinate Z, see figure 5.2. The wall-film portion represents the largest portion
of the interfacial area, with V¥ /oo = 81%, while the caps occupy (a? + of)/a = 19% of
the area of the free interface, based on a specific interfacial area of & = 4.69 in dimensionless
formulation. The transport is dominated by convection, i.e. Pe, 4 > 1, resulting in a transport
along the stream lines and an inhomogeneous concentration field. The magnitude of the local
convection is captured by the tangential interface velocity in figure 5.2. Mass is transported from
the bulk to the free interface at the front saddle point (SF), due to the direction of the vortices.
Here, the flow of the continuous phase also enters the wall film. Hence, the largest local transfer
rates appear close to the saddle point at the front, as the flow compresses the concentration
boundary layer and causes larger gradients. The driving concentration gradient decreases along
the interface to a minimum at the back saddle point (SB), where the flow is directed into the
bulk of the disperse phase. Another local maximum of the volumetric mass-transfer coefficient
occurs at the constriction of the wall film, near the maximum of the tangential interface velocity.
The local concentration differences between the vortices inside the disperse phase appear to be
much smaller, than across the interface, as is obvious from the concentration field. Accordingly,
mass is transported pre-dominantly from the bulk in the main vortex to the free interface and
much less into the vortices in the front and in the back. The transfer rates at the front and the
back portions of the free interface are consequently much smaller. No mass is transferred at the

stagnant points in the front and in the back, lying on the symmetry line.

In figure 5.3 the evolution of the relative mean wall-film concentration I', appearing mean as
ratio of the average concentration of solute A in the wall film to the average concentration inside
the solvent assigned to the continuous phase, is shown. The relative wall-film concentration rises
quickly to a maximum of I' &= 3 and decreases during the transfer process to a limiting value
of ' = 1.27 for Fy = 0.95. Hence, the mean concentration inside the wall film is about 27%
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Figure 5.3: Physical mass transfer, reference case: Relative wall-film concentration I'; ratio of the
average wall-film concentration to the average concentration in the continuous phase, as function of
the extraction rate Fly.
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5.1.2 Reactive mass transfer

The volumetric reference flow rate of Viys = 2 ml/min is used for the detailed investigation,
corresponding to the following dimensionless parameters: Re. = 15.4, 9 = 1.26, Ca. = 3.66-1073,
fi = 0.457, V = 1.00, Ly = 2.96, Pe, 4 = 3.74-10*, Dy = 1.15, my = 85, Ha, 4 = 2.74 - 10*,
A =1.02, and v = 1.77. Here, the continuous phase is the raffinate solute. A chemical reaction is
present, i.e. C¥ es > 0. In figure 5.5 the evolution of the dimensionless volumetric mass-transfer
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Figure 5.5: Reactive mass transfer, reference case: Dimensionless volumetric mass-transfer coeffi-
cient Si and local portions Si I, Si "' and i & as function of the extraction rate Fy.

coefficient 5%, being the product of the Sherwood number Sh and the specific interfacial area «
in dimensionless form, obtained from the experiments and the simulation are plotted as function
of the extraction rate Fy. The evolution of the simulation is split into its local portions Si V¥
Si ¥ and Si P of the wall film (WF), the front cap (F), and the back cap (B). The transfer
rate and its portions converge towards a limiting value as expected, cf. Clift et al. (1978). The
portions of the dimensionless volumetric mass-transfer coefficient Si V" = 83.6, Si f' = 10.6,
and Si ® = 5.40 sum up to a dimensionless volumetric mass-transfer coefficient of Si = 99.6,
for Fy = 0.95. The wall-film portion dominates and is responsible for Si W /Si = 84% of
the volumetric mass-transfer coefficient, while the contributions of the caps are much smaller,
ie. (8" + SiP)/Si = 16%. In figure 5.6 the dimensionless concentration fields, the stream
lines, and the local dimensionless volumetric mass-transfer coefficient dSi(Z), normalized to its
local maximum (dS%)mqa, for Fy = 0.38 are shown as functions of the coordinate Z. The wall

WF /o = 66%, while the caps occupy

film occupies the largest portion of the interface with «
(af + aP)/a = 34% based on a specific interfacial area of o = 4.96 in dimensionless form.
The local dimensionless volumetric mass-transfer coefficient shows a similar behavior as for the

physical mass transfer and a detailed discussion does not appear necessary, compare section
5.1.1.

The evolution of the relative wall-film concentration I', appearing as mean ratio of the average
concentration in the wall film to the average concentration in the continuous phase, as a function
of the extraction rate Fy, see figure 5.7. The relative wall-film concentration is always I' < 1,
since the continuous phase is the raffinate solvent, and converges towards a limiting value of
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Figure 5.7: Reactive mass transfer, reference case: Relative wall-film concentration I', appearing
as mean ratio of the average concentration in the wall film to the average concentration in the
continuous phase, as function of the extraction rate Fly.
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5.2 Parameter study

The influence of the dimensionless model parameters, onto the dimensionless volumetric mass-
transfer coefficient and its local portions is studied, using the mass-transfer test systems. The
parameters are classified into three groups: flow, transport, and chemical parameters. In all
cases one dimensionless parameter II, with II = Ca,, Pe, 4, etc., is varied, while the others are
kept constant.

The change of the volumetric mass-transfer coefficient, relative to the corresponding reference
case at the end of the process, i.e. Fjy = 0.95, and of the related local portions P, with
P =WZF, F, B, are studied. The relative changes are defined to

wr _ Sy (L) = Sy (1)

Slmax(H) - S%zn(H) i
dASIWE — min 72
Simac (IT) e B Si, W (11)

max

ASipe = (52)
in the examined parameter interval [ILn;1lnaz]. The maximum and the minimum of the
dimensionless volumetric mass-transfer coefficients Sipqz(IT), Sipmin(II) and the corresponding
wall-film portion S,V (IT), Si, "V F'(TI), are used for the quantitative description. Additionally,

the influence to the wall-film Péclet number PeV' ', the relative wall-film concentration I', and
the interfacial wall-film portion o"V'¥ /o are studied.

A correlation is derived for each parameter. Here, the best fitting Ansatz-function is used,
without the use of a special theory. The mathematical expressions are incorporated into the
diagrams.

5.2.1 Flow parameters

The influence of the flow parameters, i.e. the capillary number Ca., the viscosity ratio fi, the
ratio of volumetric flow rates V, and the periodic element length L, is investigated, on basis of
the reference case of the physical mass-transfer test-system. The Reynolds number Re. and the
density ratio ¢ are not considered since both parameters have no influence on the flow topology,
cf. Dittmar (2015). The reference parameters are given to: Ca. = 5.39-1073, i = 1.71, V=1,
Lye = 4.80, Pe, 4 = 85.0- 104, {)A = 2.20 and my = 0.997. Further, ¢, 3 = 0 is valid, indicating
that no chemical reaction is considered. The raffinate solvent is assigned to the disperse phase.

Capillary number

The capillary number Ca. = u w,/o describes the ratio of the viscous to interfacial stress and is
the most influencing parameter to the flow topology. The interval 1.08-1072 < Ca, < 1.08-107!
is investigated, representing the limiting parameter range for the appearance of the slug-flow
topology, compare section 1.3.1. The dimensionless volumetric mass-transfer coefficient and
its wall-film portion, see figure 5.9a and 5.9b, increase with the capillary number while the
portions of the caps vanish. The relative change of the dimensionless volumetric mass-transfer
coefficient is AS%.¢; = 29.9% and for the wall-film portion ASirZ‘l/F = 14.2%. The relative wall-
film portion is always in the range of Si "¥'/Si > 80%. The behavior is related to the large
influence of the capillary number onto the flow topology, see figure 5.10. As can be seen in the
figure, the interfacial portions of the caps, connected to the front and the back vortices, become
smaller as the capillary number increases. The vortex on the back side of the slug weakens with
increasing capillary number and may even disappear, see figure 5.11b. Further, the wall-film
thickness, the related velocity difference across the wall film, and the wall-film Péclet number
increase with increasing the capillary number, see figure 5.11a. As consequence, the relative
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Figure 5.9: Influence of the capillary number Ca, onto the mass transport: a) Relative dimension-
less volumetric mass-transfer coefficient Si/Siyr; b) Local portions Si ©/Si.

wall-film concentration decreases slightly as the axial transport in the wall film is intensified,
see figure 5.11b. The change of the flow topology appears to be responsible for these changes of
the dimensionless volumetric mass-transfer coefficient and its local portions. In summary, the
capillary number has a medium influence to the volumetric mass-transfer coefficient, while only
a small change of its wall-film portion is present. All transfer rates are normalizes with (.
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Figure 5.10: Influence of the capillary number Ca. to the flow topology.
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Figure 5.11: Influence of the capillary number Ca. onto the mass transport: a) Wall-film Péclet
number PV b) Relative wall-film concentration I' and wall-film portion of the interfacial area

" /a.

Viscosity ratio

A change of the viscosity ratio i = ug/pe corresponds to a change of the viscosity of the
disperse phase, i.e. the raffinate solvent, at constant capillary number. The typical range for
technical liquid/liquid mass-transfer systems of 0.154 < i < 15.4 is examined, cf. Lo (1991).
The dimensionless volumetric mass-transfer coefficient appears to be almost constant, see figure
5.12a, with a relative change of ASi.; = 6.10%. Only a slight relative change of its wall-film
portion AS; WF

o = 3.70% is present, see figure 5.12b, with increasing viscosity of the disperse

phase. The relative wall-film portion remains in the range Si ¥ /Si > 80%. The findings are
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Figure 5.12: Influence of the viscosity ratio i onto the mass transport: a) Relative dimensionless
volumetric mass-transfer coefficient Si/Siy.s; b) Local portions Si ¥’/ Si.

related to the almost constant quantities of the wall-film Péclet-number, see figure 5.13a, the
relative wall-film concentration, and the wall-film portion of the interfacial area, see figure 5.13b.
In summary, the influence of the viscosity ratio is weak in the examined parameter range, due
its the weak influence onto the flow topology.
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Figure 5.13: Influence of the viscosity ratio fi onto mass transport: a) Wall-film Péclet number
P b) Relative Wall-film concentration I' and wall-film portion of the interfacial area oV'F' /a.

Ratio of volumetric flow rates

The ratio of volumetric flow rates V = Vd/ VC corresponds in the current case to the ratio of
the volume of the raffinate solvent to the volume of the extract solvent V=V;/V, = ¢./(1 — (),
at Ca. = const., inside the periodic element. The range 0.5 < 14 < 2 is examined, as the slug
flow occurs at comparable flow rates, see section 1.3.1. The dimensionless volumetric mass-
transfer coefficient decreases as the ratio of volumetric flow rates increases, see figure 5.14a.
The wall portion of the volumetric mass-transfer coefficient increases in contrast, see figure
5.14b. The relative decrease of the volumetric mass-transfer coefficient is ASi. = 28.8%,
caused by a decreasing concentration difference in conjunction with the increasing volume of the
raffinate solvent, i.e. the disperse phase. The relative change of the wall-film portion is only
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Figure 5.14: Influence of the ratio of volumetric flow rates V onto the mass transport: a) Relative
dimensionless volumetric mass-transfer coefficient Si/Si..s; b) Local portions Si '/ Si.

ASiWE = 5.01%, i.e. almost constant, whereas in all cases we have Si W' /Si > 80%. The
increase of the wall-film portion of the dimensionless volumetric mass-transfer coefficient is in
close relation to the change of the wall-film portion of the interfacial area, compare figure 5.15b.

The wall-film Péclet number appears to be almost constant as the wall-film thickness and the
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velocity difference show a weak dependency onto the ratio of volumetric flow rates, obvious from
figure 5.15a and figure 5.15b for the relative wall film concentration. In summary, the influence
of the ratio of volumetric flow rates has noticeable influence onto the volumetric mass-transfer
coefficient, while the change of the wall-film portion appears to be small.
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Figure 5.15: Influence of the ratio of volumetric flow-rates V onto the mass transport: a) Wall-film
Péclet number Pe'’F'; b) Relative wall-film concentration I' and wall-film portion of the interfacial

Periodic element length

The dimensionless periodic element length is defined to Ly = lpe/d, with the periodic element
length [, and the capillary diameter d. The lower bound for the examined range of 2.41 < L, <
19.2 is derived in relation to the definition of the slug flow, compare section 1.3.1. The upper
bound is derived from the limiting case of a very long periodic element and the stagnation of the
increase of the wall film portion, compare figure 5.16b. The relative decrease of the dimensionless
volumetric mass-transfer coefficient is AS%..; = 28.4%, resulting from the change of the absolute
volume of the periodic element, see figure 5.16a. Accordingly, the overall fluid mass and the
transport length increase with the periodic element length. Simultaneously the wall-film portion

increases, see figure 5.16b, with a relative change of AS; V¥

o = 14.6%. In all cases its value is in
the range Si W' /Si > 80% whereas the limiting value Si W'/ Si — 100% is found for L. — oo,
see figure 5.16b. This behavior is again described with influence of the periodic element length
onto the portions of the interfacial area, see figure 5.17b. The wall-film portion of the interfacial
area increases with the periodic element length at almost constant transport conditions inside
the wall film, indicated by the wall-film Péclet number and the relative wall-film concentration,
see figure 5.17a and 5.17b. Hence, the change of the wall-film portion of the interfacial area

explains the change of wall-film portion of the volumetric mass-transfer coefficient.
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Figure 5.16: Influence of the periodic element length L,. onto the mass transport: a) Relative
dimensionless volumetric mass-transfer coefficient Si/Si..s; b) Local portions Si '/ Si.
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Figure 5.17: Influence of the periodic element length L,. onto the mass transport: a) Wall-film

Péclet number Pe"V ' b) Relative wall-film concentration I' and wall-film portion of the interfacial

area o'V /a.

5.2.2 Transport parameters

The transport parameters are the Péclet number Pe, 4, the ratio of diffusion coefficients D A,
and the distribution coefficient my4. The following study is again conducted for pure physical
mass transfer. The reference case parameters are Ca, = 5.39-1073, /i = 1.54, V= 1, Lye = 4.80,
Pe, 4 = 85.0 - 104, Dy =220 and, myg = 1. A chemical reaction is not present, i.e. ng =0,
and the raffinate solvent is assigned to the disperse phase.

Péclet number

The change of the Péclet number Pe,, = w.d/D, 4 corresponds to a change of the ratio of
convection and diffusion at constant ratio of diffusion coefficients. The range of 8.50 < Pe, 4 <
4.26-10° is examined, representing the case of intense diffusion and the case of intense convection.
Here, it has to be mentioned, that for the lower bound of the examined range, an influence of
axial dispersion to the volumetric mass-transfer coefficient may not be negligible, compare with
the modeling assumption in chapter 2. Despite the simulated mass-transfer for the lower bound



78 5. RESULTS

can be seen as a good approximation for this area. The dimensionless volumetric mass-transfer
coefficient increases with increasing Péclet number with a relative gain of AS%..; = 98.7% in the
examined range, see figure 5.18a. The relative increase of the dimensionless volumetric mass-
transfer coefficient becomes smaller with increasing Péclet numbers, indicated by the constant
slope of the correlation (corr) in conjunction with the logarithmic scale of the abscissa. This
shows the limitation of the diffusional transport to the gain of the volumetric mass-transfer
coefficient, cf. Kashid (2007). The wall-film portion of the dimensionless volumetric mass-
transfer coefficient shows a maximum around Pe, 4 ~ 10%, see figure 5.18b. The relative change
of the wall-film portion is ASiWT" = 67.7% and here the ratio Si "'/Si falls below 80% for

lower values of the Péclet number. For Pe, 4 < 103, the portions of the caps are in a comparable
magnitude to the wall-film portion of the volumetric mass-transfer coefficient.
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Figure 5.18: Influence of the Péclet number Pe,. 4 onto the mass transport: a) Relative dimension-
less volumetric mass-transfer coefficient $i/Siy.; b) Local portions Si ¥/ Si.

The wall-film Péclet number increases with the Péclet number, see figure 5.19a, indicating an
increase of the convective transport in the wall film. The relative wall-film concentration I,
representing the ratio of the concentration in the wall film to the driving concentration in the
continuous phase, decreases as the Péclet number increases, see figure 5.19b. Mass accumulates
in the wall film for lower Péclet numbers, the transport through the wall film is hindered and
contributions of the caps to the dimensionless volumetric mass-transfer coefficient increases. An
increase of the ratio of convection and diffusion beyond the maximum results in a limitation
of the wall-film portion of the dimensionless volumetric mass-transfer coefficient, due to the
diffusive transport. The maximum of the transfer performance is reached, indicated by the
almost constant wall-film ratio and the influence of the cap portions of the volumetric mass-
transfer coefficient increases as result. In summary, it appears not surprising that ratio of
convection and diffusion has a large influence onto the volumetric mass-transfer coefficient at
the free interface and its spatial portions.
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Figure 5.19: Influence of the Péclet number Pe, 4 onto the mass transport: a) Wall-film Péclet
WF
; b)

number Pe Relative wall-film concentration I.

Ratio of diffusivities

The ratio of diffusivities D4 = De a/Dy 4 of solute A is investigated at constant Péclet number
Pe, 4 in the range 0.110 < D 4 < 11.0, which appears to be typical for liquid/liquid systems,
cf. Lo (1991). Starting at lower bound of the examined range, the dimensionless volumetric
mass-transfer coefficient increases with increase of the diffusivity in the extract solvent i.e. the
continuous phase, about ASi.. = 85.6%, see figure 5.20a. The wall-film portion of the di-
mensionless volumetric mass-transfer coefficient is almost constant and in all cases in the range
SiVE /Si > 80%, see figure 5.20b, with a relative change of AS;, V¥ = 5.10% only. The further
extension of the parameter range towards Dy =0 may not result in a significant change of
the wall-film portion of the volumetric mass-transfer coefficient, since the wall-film portion of
the volumetric mass-transfer coefficient dominates also for gas/liquid systems, with D 4~ 1074

, cf. Sobieszuk et al. (2012) or Liu and Wang (2011). The wall-film Péclet number decreases
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Figure 5.20: Influence of the ratio of diffusivities D4 onto the mass transport: a) Relative dimen-
sionless volumetric mass-transfer coefficient Si/Si,.s; b) Local portions Si '/ Si.

as the ratio of diffusivities increases, i.e. the diffusion in the extract solvent, see figure 5.21a.
Further, the corresponding relative wall-film concentration I' increases slightly only, see figure
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5.21b. In summary, the ratio of diffusivities has a high influence onto the dimensionless volumet-
ric mass-transfer coefficient, while the only a weak influence to the change of the local portions
is observed.
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Figure 5.21: Influence of the ratio of diffusivities 94 onto the mass transport: a) Wall-film Péclet
number Pe'VT" b) Relative wall-film concentration T'.

Distribution coefficient

The distribution coefficient my4 = cg’l;l /07{51, i.e. the ratio of interfacial concentrations in the
extract and the raffinate solvent, is examined in the range 0.01 < my4 < 100. In figure 5.22a,
the dimensionless volumetric mass-transfer coefficient is plotted as function of the distribution
coeflicient. Obviously, at both sides of the examined range an asymptotic behavior can be de-
tected. The volumetric mass-transfer coeflicient increases with increasing distribution coeflicient,
since the solubility inside the extract solvent increases and the resistance to the mass-transfer
decreases in consequence, compare section 1.3.1. Since the driving concentration difference
Acy = (€4 — Ce,a/mu) grows with a increasing distribution coefficient. The relative change
of the dimensionless volumetric mass-transfer coefficient is about AS%..; = 97.7% within the
examined interval. The wall-film portion of the dimensionless volumetric mass-transfer coeffi-
cient likewise increases with an increasing distribution coefficient. The relative change in the
examined range is about AS@'TEZ/F = 19.4%, see figure 5.22b. The wall-film portion falls slightly
below Si W /Si = 80% for lower distribution coefficients. The wall-film portion of the volumet-
ric mass-transfer coefficient increases up to $i"V¥"/Si = 95% for larger volumetric mass-transfer
coefficients. The back-cap portion of the volumetric mass-transfer coefficient is almost constant
in the examined range and while the front-cap portion of the volumetric mass-transfer coefficient
changes significantly in the examined range, traced back to the spatial distribution of the local
volumetric mass-transfer coefficient, compare section 5.1.1. The largest local potential for mass
transfer appears close to the spatial transition of the wall film to the front cap. The relative
wall-film concentration is almost constant in the examined range, see figure 5.23. The wall-film
Péclet number remains constant Pe'V'? = 67.5, since the distribution coefficient does not enter.
In summary, the distribution coefficient has a high influence to the dimensionless volumetric
mass-transfer coefficient and again only a weak influence to the weighting of its portions.
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Figure 5.22: Influence of the distribution coefficient m4 onto the mass transport: a) Relative
dimensionless volumetric mass-transfer coefficient Si/Si.s; b) Local portions Si '/ Si.
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Figure 5.23: Relative wall-film concentration I' as function of the distribution coefficient m 4.

5.2.3 Chemical parameters

The influence of the chemical parameters is based on the reactive mass transfer. The influence of
the reaction velocity, i.e. the Hatta number Ha, 4, the ratio of chemical reservoirs, i.e. the excess
factor 1, and the ratio of Péclet numbers in the extract solvent A is examined, based on the
reference case of the reactive mass transfer. As basis for the parameter study, the dimensionless
parameters for flow and transport are given as Ca. = 3.66 - 1073, i = 4.75, V=1, Lpe = 2.96,
Pe.q = 3.74 - 104, ﬁA = 1.15, and my = 85. The chemical parameters are Ha, 4 = 2.74 - 104,
¥ = 1.77, and A = 1.02, with C’gg > 0. A constant wall-film Péclet number of PeVF = 40.1
is present since the chemical parameters do not enter. The raffinate solvent is assigned to the
continuous phase here. The large distribution coefficient does not have a significant influence to
the local mass transfer, compare section 5.2.2.

Hatta number

The influence of the Hatta number, i.e. the reaction velocity, is examined in the range 10! <
Ha, 4 < 109, which spans a range of fast to even instantaneous reactions. The physical volumet-
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ric mass-transfer coefficient Si(Ha, 4 = 0) and its wall-film portion are used as references for the
calculation of the enhancement factor. The dimensionless volumetric mass-transfer coefficient
appears to be independent of the reaction rate, see figure 5.24a. The relative enhancement of
the case including a chemical reaction is just about ASi..; = 17.3% compared to the pure phys-
ical mass transfer, i.e. the enhancement factor appears to &€ = 1.17. The wall-film portion of
the volumetric mass-transfer coefficient appears to be almost constant in the examined range,
see figure 5.24b. It increases relatively about AS; V¥

rel

= 15.2% compared to the case without
reaction. Further, the wall-film portion of the volumetric mass-transfer coefficient in all cases is
in the range i V' /St > 80%. The relative wall-film concentration I', relating the concentration
in the wall film to the diving concentration in the continuous phase, shows a strong dependence
onto the Hatta number, see figure 5.25. The relative wall-film concentration is always below
I' = 1, since mass is transferred from the continuous into the disperse phase. For Ha. 4 — 00
the relative wall-film concentration converges to I' — 0, i.e. the average concentration in the
wall film converges to Egﬁ — 0. The low concentration in the wall film does not hinder the
transfer at the wall-film portion of the free interface, as the wall-film portion of the volumetric
mass-transfer coefficient dominates, see figure 5.24b. The influence of the large distribution
coefficient of the reactive mass-transfer system and the portions of the volumetric mass-transfer
coefficient is weak, compare with section 5.2.2. In Summary, the Hatta number has only a weak
influence to the the volumetric mass-transfer coefficient and its spatial portions of the volumetric
mass-transfer coefficient.
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Figure 5.24: Influence of the Hatta number Ha. 4 onto the reactive mass transport: a) Relative
dimensionless volumetric mass-transfer coefficient $i/St..r; b) Local portions Si Psi.
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Figure 5.25: Relative wall-film concentration I' as function of the Hatta number Ha, 4.

Excess factor

The excess factor 1) = (Vgcg a/ (I/Ach)) [¢r/(1 — ()] captures the ratio of the chemical reser-
voirs, with ¢, being the volume fraction of the raffinate solvent. The parameter is examined in
the range of 1072 < ¢ < 10%. For ¢ — 0, solute B is present at high excess and the largest
volumetric mass-transfer coefficients are obtained, corresponding to a pseudo-first order reaction
system, see figure 5.26a. The volumetric mass-transfer coefficient decreases with increasing ex-
cess factor, as the influence of the solute B vanishes and the system converges towards the pure
physical mass transfer without chemical reaction. The relative change of the volumetric mass-
transfer coefficient is about ASi..; = 44.3% in the examined interval. The wall-film portion is
always in the range i V' /Si> 80% and shows only a weak dependency onto the excess factor,
= 15.2%.

see figure 5.26b. The relative change of the wall-film portion is only about ASi.;
The relative wall-film concentration I' decreases as the excess factor decreases and the influence
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Figure 5.26: Influence of the excess factor ¥ to the reactive mass transport: a) Relative dimen-
sionless volumetric mass-transfer coefficient Si/Si,.s; b) Local portions Si '/ Si.

of the chemical reaction increases, see figure 5.27. The large wall-film portion of the dimen-

sionless volumetric mass-transfer coefficient shows, that the local mass transfer at the wall-film
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portion of the free interface is not hindered. In summary, the excess factor has a significant
influence onto the volumetric mass-transfer coefficient, while again only a weak influence onto

the weighting of the spatial portions is present.
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Figure 5.27: Relative wall-film concentration I' as function of the excess factor 1.

Ratio of Péclet numbers

The ratio of Péclet numbers A = Pe. 4/Pe. 3 = D a4/Dy 4, i.e. the ratio of the diffusivities
of solute A and solute B the in the extract solvent, i.e. here the disperse phase. According
to the typical magnitude diffusion coefficients in liquids, the range 0.1 < A < 10 is examined,
cf. Lo (1991). The volumetric mass-transfer coefficient increases as the ratio of Péclet numbers
increases by about ASi..; = 57.7%, see figure 5.28a. The intensified supply of solute B to the
free interface enhances the volumetric mass-transfer coefficient significantly and an enhancement
factor of &€ = 2.02 is seen. Further, the wall-film portion is almost constant with a relative change
of AS@'TE{F = 2.6% and always in the range Si V¥ /Si > 80%, see figure 5.28b. The concentration

of solute B at the interface rises as the ratio of Péclet numbers increases, due to the more intense
diffusion. The relative wall-film concentration I" decreases slightly as the ratio of Péclet numbers
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Figure 5.28: Influence of the ratio of Péclet numbers A onto the reactive mass transport: a) Relative
dimensionless volumetric mass-transfer coefficient Si/Si..s; b) Local portions Si '/ Si.



5.3 Conclusion 85

0,5\\\[ T T T T 1717 T T T 17171

O\Hl Lol |
1071 10° 10!

Al

Figure 5.29: Relative wall-film concentration I' as function of the ratio of Péclet numbers .

increases, see figure 5.29. The more intense diffusion of solute B supports the appearance of the
chemical reaction close to the interface. In summary, the ratio of Péclet numbers in the extract
solvent shows a strong influence to the volumetric mass-transfer coefficient, while the influence
to its portions is weak again.

5.3 Conclusion

The results of the parameter study are summarized in table 5.1, containing the dimension-
less parameter II = Ca,, i, etc., the examined range [I1,in; ], the relative changes of
the dimensionless volumetric mass-transfer coeflicient ASi,..; and the related wall-film portion
ASi,WT. The dimensionless parameters and their influence onto the dimensionless volumetric
mass-transfer coefficient can be classified into three groups:

I: The transport parameters have the greatest influence onto the volumetric mass-transfer
coefficient, with a change of ASi.. ~ 90% for each parameter.

II: The chemical parameters with a magnitude of relative change of ASi,. ~ 40% are next.

III: Finally, the flow parameters cause only changes of ASi.¢; ~ 30% and, therefore, have the
weakest influence.

This ranking of the different parameter classes can directly be used as a guideline for process
design. Further, the derived correlations, presented in the corresponding section, can be used
to predict the relative change of the dimensionless volumetric mass-transfer coefficient
SSZ = Fry(Fa) Fea(Car) Fu(it) Fo (V) T, (Lpe) Fre(Pern) Fp(Da) Fom(ma)...
Uref (53)
o [1+ Fra(Hae n) FA(N) Fy ()] -

If the physical mass transfer is examined, the Hatta number is Ha, 4 = 0, i.e. ng =0, and the
influence of the chemical parameters vanish. Here, the evolution of the transfer rate as function
of the extraction rate is described by Si(Fj4) = 7.46 F% —12.9 F4 + 6.58. An overall prediction
error of €g; = 10% has been noticed referenced to the corresponding simulation values. The
largest deviations are present for the outer bounds of the examined parameter ranges.
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In contrast, the wall-film portion of the volumetric mass-transfer coefficient is for almost all
studied parameter combinations in the range Si V¥ /Si > 80%. Further, most parameters have
only a weak influence to the weighting of the spatial portions of the dimensionless volumetric
mass-transfer coefficient, as obvious from the small relative changes ASi V. A significant

change of the weighting of the spatial portions of the dimensionless volumetric mass-transfer
coefficient is only found for the variation of the Péclet number Pe, 4. The great influence of ratio

Table 5.1: Results of the parameter study: Given is the parameter II, the examined range

[Min; Minas], the related relative changes of the dimensionless volumetric mass-transfer coefficient

ASie;, and its wall-film portion ASiTZ'l/F

IT [Hmzna Hmax] ASi’rel ASZ}ZYF parameter
group

Ca, 1.081073-0,108 29.9% 14.2%

i 0.154 — 15.4 6.10%  3.70% 5
|4 0.5 —2 28.8%  5.0% =
Lipe 2.4 —19.2 28.4%  14.6%
Pe.,  85-42610°  98.7% 67.7% 5
Dy 0110-11.0  85.6%  5.10% z
ma 1072 — 102 97.7%  19.4% £
Hae 4 0—10° 211%  15.2% 3
W 1073 — 4 102 44.3%  15.2% E

A 0.108 — 10.8 57.7%  2.60% 5

of convection and diffusion onto the local mass transfer has also been derived from the literature
review, compare section 1.3.2, and is traced back to the flow topology and the related transport
paths. The main transport paths within the slug-flow pattern are identified and abstracted to
a resistance scheme or an electrical circuit, shown in figures 5.30a and 5.30b. Therefore, the
closed flow structures, consisting of vortices and the extended wall film, can be interpreted as
storage volumes. In the dispersed phase the vortex at the front (F'D), the main vortex (M D),
and the vortex in the back (BD) can be found, while in continuous phase the main vortex
(MC) and the extended wall film (EW F') are present. These flow structures are connected by
resistances, where diffusional transport is active. In general, the mass-transfer resistance at the
free interface can be described by means of the volumetric mass-transfer coefficient R'¥' o 1/ka
and separated into its local portions RW¥ RF' and R based on the corresponding portions of
the transfer rate. Additionally the resistances inside the disperse phase RMBP and RMEFP and

RMWFEC are present. Hence, all vortices in the disperse and the continuous

the continuous phase
phase and the wall film can exchange mass by diffusion, normal to the flow of the stream lines
between the respective structures. The development of the mass transport depends on the ratios
of the resistances. The investigation shows, that the wall film occupies the biggest portion of
the interfacial area o'V /a ~ 66%. A large axial flow through the wall film intensifies the
mass transfer at the free interface. This corresponds to a small resistance to the mass transfer
compared to the caps, occupying small portion of the interfacial area and interfacial velocities
of lower magnitude, compare section 1.3.2, section 5.1 and section 5.2. Accordingly, the ratio
of convection and diffusion inside the wall film can be used to describe weighting of the spatial

portions of the volumetric mass-transfer coefficient, i.e. captured by the wall-film Péclet number

Aw,h
PVl = = 4
¢ ﬂsc,ﬂ (5 )
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Figure 5.31: Influence of the wall-film Péclet number Pe ¥ onto the mass transport: a) Wall-film
portion of the dimensionless volumetric mass-transfer coefficient 5" ¥ /Si; b) Relative dimensionless
volumetric mass-transfer coefficient Si/Siy.

wall film does hinder the mass transfer only in this case. For all other cases, the wall-film concen-
tration appears as an effect of the large local volumetric mass-transfer coefficients. Plotting the
dimensionless volumetric mass-transfer coefficient against the wall-film Péclet number shows,
that large volumetric mass-transfer coefficients induce the need of a large wall-film portion of
the volumetric mass-transfer coefficient, compare figure 5.31b. The volumetric mass-transfer
coefficient increases monotonously with the wall-film Péclet number until it stagnates. The
diagram can be divided into two parts:

(I): For PeVT < 10! a strong dependence between the dimensionless volumetric mass-transfer
coefficient to the wall-film Péclet number is given.

(IT): The increase of the volumetric mass-transfer coefficient becomes rather negligible for
PVE > 10!, ie. a strong dependence onto the wall-film Péclet number PeV'* is not
present.

This result is closely related to the portions of the volumetric mass-transfer coefficient at the
free interface, since the portion of the dimensionless volumetric mass-transfer coefficient also
increases until Pe" ¥ ~ 10, where it reaches a maximum, cf. section 5.2.2. A further increase of
Pe"'F | or in other words of the volumetric flow rate, does not result in an increase of the wall-
film portion of the dimensionless volumetric mass-transfer coefficient, resulting in an optimized
point of operation in relation to the pressure drop, i.e. the high pumping power, in the micro-
capillary reactor, being significant for process applications, compare section 1.3. Accumulation

of depletion of mass inside the wall film does play a subordinated rule.

The wall-film Péclet number can be evaluated from the wall-film height A and the velocity
difference Aw,. Here, the correlations by Fairbrother and Stubbs (1935) and Bretherton (1960)
are helpful, as introduced in section 1.3.1, and the wall-film Péclet-number appears to be

PVE = pe CaZ/G. (5.5)

Here, Peg. 4 is the Péclet number with the diffusion coefficient within the solvent, assigned to

the continuous phase, and Caq is the capillary number of the disperse phase. The wall-film
—6/7

portion of the volumetric mass-transfer coefficient dominates for PeV* > 1, i.e. Cag > Pe .y



5.3 Conclusion 89

and below this threshold a significant influence of the caps is present. Based on a typical Péclet
number of Peg. 4 ~ 103, cf. section 1.3.1, the wall-film portion of the volumetric mass-transfer
coefficient dominates for Cag > 2.68 - 1072. Further, the optimal point of operation appears
around Pe'V'! =10, cf. figures 5.31, and the optimal average channel velocity then is

(7/13)
_ 10 Dscﬂ<a>(6/7)
vt = | —==( — : 5.6
Z [ 7 (56)

Based on the derived typical values, cf. section 1.3.1, an optimal average flow velocity of w, =
7.02-1073m/s results. This optimal flow velocity has to be derived for each mass-transfer system
and is not a general value.

It can be concluded that the wall film is the key element for the mass transfer at the free interface
and in general the large volumetric mass-transfer coefficients occurring in the liquid/liquid slug-
flow micro-capillary reactor. A wall-film portion of the dimensionless volumetric mass-transfer
coefficient in the range Si V¥ /St > 80% clearly indicates this for collectively-dominated systems,
and the portions of the caps are subordinated. The wall-film Péclet number is a simple tool for

capturing the weighing of the portions of the mass transfer-rate at good approximation.

Finally, a guideline for the fluid mechanical design of a micro reactor can be derived. The
operation of the reactor for a given mass-transfer system with the optimal average flow velocity
results in a large volumetric mass-transfer coefficient at a desired low pumping power input, i.e.
a low pressure drop. The residence time, or rather the time for mass transfer, is achieved by
simply adapting of the reactor length [... Hence, an explicit reactor design can be achieved, by
fairly simple means.



90

5. RESULTS




6

Summary and outlook

The mass transport in a liquid/liquid slug-flow micro-capillary reactor, with and without chem-
ical reaction, is investigated. The principle micro-capillary reactor set up for two phase process
applications, the slug flow, and the derivation of the volumetric mass-transfer coefficient are
reviewed. Coming from the current state of scientific research regarding the local mass transfer
the ratio of convection and diffusion within the thin wall film is focused, that can be described
by a wall-film Péclet number Pe'V' ¥

The modeling starts from the steady-state two-phase slug flow in a periodic element with circu-
lar cross-section inside a straight micro capillary. A cylindrical coordinate system is used, that
is fixed to the movement of the disperse phase, for the description of the system. The mass
transport is investigated for dilute solutions and the influence of an irreversible second-order
chemical reaction with constant reaction velocity in an isothermal system is taken into account.
The mass-balancing approach at the periodic element considers the effect of axial dispersion
for a large ratio of convection and diffusion. The free interface is separated into wall film and
caps by means of the saddle points of the flow field at the free interface. The mass transfer is
discussed based on the volumetric mass-transfer coefficient, that can be divided into portions
by means of the flow topology, in detail the saddle points at the free interface, and its spatial
distribution at the free interface.

The governing sets of equations for two-phase flow and mass transport, with and without chemi-
cal reaction, are solved numerically using an interface-tracking method. A steady-state interface
is numerically obtained with an existing two-phase slug-flow simulation model, c¢f. Dittmar
(2015). The steady-state interface is exported and used to arrange separate, phase-fitted com-
putational domains. The steady-state two-phase flow and the reactive mass transport are solved
on coupled static computational domains in a segregated manner in one-way coupling. The
interface-tracking approach allows the local alignment of the flow directions of the mesh and
the mass transport close to the free interface, where steep gradients can be expected. Hence,
an excellent numerical quality with minimized numerical diffusion is achieved, as shown by the

numerical tests.

Two mass-transfer systems, i.e. a physical and a reactive mass-transfer system, are chosen as
basis for the investigation of the transport mechanisms. An experimental setup with adaptive
reactor length is used to evaluate the temporal evolution of the volumetric mass-transfer coeffi-
cient for different volumetric flow rates. Low solute concentrations are used. The derivation of
the related model parameters offers the basis for the adaption of the simulation model to the
specific experimental conditions. The comparison of the experimental and numerical obtained
evolutions of the volumetric mass-transfer coefficient show very good agreement for both cases.
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The results, based on the chosen mass-transfer test systems, show that the main amount of mass
is transferred into the thin wall film for both examined mass-transfer systems. The wall film
occupies about 66% of the interfacial area. The relative flow through the wall film intensifies the
mass transfer at the wall-film portion of the free interface and the axial transport between the
solvent bulks for large Péclet numbers and the caps are of subordinated influence. The study
of the effects of the dimensionless parameters, namely flow, transport and chemical parameters,
shows, that the spatial weighting of the portions of the volumetric mass-transfer coefficient, in
particular the wall-film portion, depends on the ratio of convection and diffusion. The presence
of a chemical reaction enhances the local volumetric mass-transfer coefficient at the free inter-
face homogeneously and the influence to the spatial distribution of the volumetric mass-transfer
coefficient is negligible. The weighting of the portions of the volumetric mass-transfer coefficient
is traced back to the local transport conditions inside the wall film and the wall-film Péclet
number PeV¥. For PeW'! > 1, representing the common case in micro reactors, the wall-film
portion of the dimensionless volumetric mass-transfer coefficient dominates, i.e. more than 80%
of mass are transferred through the wall-film portion of the free interface. The increase of the
volumetric mass-transfer coefficient due to convection stagnates for Pe"V > 10, limited by the
molecular diffusion. This result is used for the derivation of an optimal flow rate. Therefore,
the wall-film Péclet number is expressed by correlations for the wall-film height and the velocity
difference.

The structure, built in this thesis, offers points for future developments. Firstly, the influence
of axial dispersion is only physically captured for a large ratio of convection to diffusion by the
model. A detailed analysis of the influence of axial dispersion for low Péclet numbers may result
in a change of the volumetric mass-transfer coefficient in this range. A change of the weighing
of the portions of the volumetric mass-transfer coefficient compared to the results of this exam-
ination is expected. For its investigation a sufficient long chain of consecutive periodic elements
has to be simulated without periodic coupling of the convective fluxes at the axial boundaries.
The evaluated volumetric mass-transfer coefficients have to be compared to the results achieved
with the simulation model of the present investigation to work out the effect of the axial dis-
persion to the mass transfer. Secondly, the extension of the modeling approach to finite low
concentrations and the influence to the mass transfer is of interest. Therefore, the coupling of
the two-phase flow and the reactive mass-transport equations has to be introduced and reactive
mass transport and the now transient two-phase flow have to be solved simultaneously. The
presence of a finite low concentration introduces the local and global variability of the modeling
parameters, i.e. densities, viscosities, interfacial tension, diffusivities, and chemical reaction pa-
rameters. The influence of Marangoni stresses to the transfer process may be the main interest.
It has to be checked, if the two-dimensional description is still valid or at least a good approxi-
mation by comparison with a three dimensional model. A third point can be, the extension of
the simulation concept to curved flow channels introducing centrifugal forces and secondary flow
structures, called Dean vortices, is of interest. The modular concept of the micro-capillary offers
a great variability for the spatial arrangement of the residence-time unit with further intensified
transfer performance, as shown by several investigations using for example curved, meandering
or helical channel arrangements. Therefore, the here introduced numerical method has to be
extended to the third spatial dimension. The reference simulation, the generation of the domains
and the simulation of the steady-state two-phase flow have to be extended. Here, the reactive
mass-transport algorithm is independent of the underlying two-phase flow topology and can be
taken over.
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Greek symbols
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dimensionless specific interfacial area [
mass-transfer coeflicient [
phase field function, marker function -]
concentration distribution along the extended wall film -]
relative wall-film concentration -]
relative error -]
volume fraction -]
isothermal 2. order reaction velocity constant [
reaction rate, dimensionless reaction rate [
curvature of the free interface, dimensionless curvature of the free in- |
terface

ratio of Péclet numbers in the extraction solvent
dynamic viscosity

general designation of a dimensionless group
density
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circumferential coordinate, dimensionless circumferential coordinate
excess factor
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Latin symbols

Explanation SI-Units
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specific interfacial area

interfacial area

dimensionless cell area

cross-sectional area

solute A

solute B

concentration, dimensionless concentration

diameter, dimensionless diameter

diffusion coefficient

cell edge length, dimensionless cell edge length

unit vector

enhancement factor

force

extraction rate

gap height, dimensionless gap height

wall-film thickness, dimensionless wall-film thickness

iteration number it = 1, ..., itmaq

overall mass-transfer coefficient, actual overall mass-transfer coefficient
(ka), (ka)” volumetric mass-transfer coefficient, local volumetric mass-transfer co-

efficient, portion P of volumetric mass-transfer coefficient

length, dimensionless length
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m distribution coefficient -]

M amount of substance [mol]

n, N interfacial normal direction, dimensionless interfacial normal direction  [m], [—]

i unit normal vector [m]

0 O-grid meshing length/point -]

p, P pressure, dimensionless pressure [kg/(m s?)]

Q volumetric mass-transfer quotient -]

R radial coordinate, dimensionless radial coordinate [m], [—]

R? coefficient of determination -]

Res residuum -]

R mass-transfer resistance [s]

t,T interfacial tangential direction, dimensionless interfactial tangential di- [m], [—]
rection

@, U velocity vector, dimensionless velocity vector, velocity field [m/s], [-]

u, U Cartesian velocity component, dimensionless Cartesian velocity com-  [m/s], [—]
ponent

v,V Cartesian velocity component, dimensionless Cartesian velocity com-  [m/s], [—]
ponent

w, W Cartesian velocity component, dimensionless Cartesian velocity com-  [m/s], [—]
ponent

% volume [m?]

wr, Wgr velocity in radial direction, dimensionless velocity in radial direction [m/s], [—]

W, We velocity in circumferential direction, dimensionless velocity in circum-  [m/s], [—]
ferrential direction

wz, Wz velocity in axial direction, dimensionless velocity in axial direction [m/s], [—]

v, Y coordinate direction, dimensionless coordinate direction [m], [-]

2,7 axial direction/position along the reactor axis, dimensionless axial di- [m], [—]
rection

Z position along the reactor axis [m]

Dimensionless groups

Symbol Explanation

Ca Capillary number number

Co Courant number

Ds Diffusion number

Fo Fourier number

Ha Hatta number

Pe Péclet number

Re Reynolds number

Sh Sherwood number

Si dimensionless volumetric mass-transfer coefficient, product of the Sher-
wood number and the dimensionless specific interfacial area

dSi local dimensionless volumetric mass-transfer coefficient

Sif portion of the dimensionless volumetric mass-transfer coefficient, P =
F,WF,B

Indices

Symbol Explanation

1,11 phase

0 initial value

0 value for long contact times

ad adjacent to the free interface

ana analytical

A solute A

B back

B solute B

BD back vortex disperse

c continuous phase

C dimensionless concentration
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Ca capillary number

per periodic

d disperse phase

D Diameter of the flow channel

D Diffusion

dyn dynamic

e extraction solvent

EWF extended wall film

F interfacial front portion

Fa extraction rate of solute A

FD front vortex disperse

Ha Hatta number

i solute, 1 = A, B

it iteration number, it = 1, ..., itmax
IF interface

n entering control volume

L chemical reaction

j cell number

I,L length, dimensionless length

A ratio of Péclet numbers

pe periodic element

In logarithmic

m mass transfer

ma distribution coefficient of solute A
max maximum

min minimum

mesh computational mesh

MBD main and back vortex disperse
MC main vortex in the continuous phase
MD main vortex in the disperse phase
MCD main and front vortex disperse
MWEFEC main vortex and wall film in the continuous phase
out leaving control volume

opt optimal

P phase, p=c,dorp=1,11

pe periodic element

Pe Péclet number

P excess factor

VP pressure gradient

P interfacial portion, P = F,WF, B
r raffinate solvent

re reactor

ref reference

res resulting

rel relative

m viscosity

s solvent, s =r,e

S section, S =1,2,3, ...

sc solvent assigned to continuous phase
stat static

Si dimensionless volumetric mass-transfer coefficient
dSi local dimensionless volumetric mass-transfer coefficient
t tangential direction

Tm mass-transfer time

tot total

% volume

w dimensionless velocity component
WF wall film

2,7 in z-direction, in dimensionless Z-direction
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Mathematical operators and constants

By means of the exemplary values f and g.

Symbol Explanation
vf gradient of quantity f
Af difference of quantity f
f flux/flow-rate of quantity f
f average of quantity f
df infinitesimal local value of quantity f
df /dg total derivative of quantity f with respect to g
af/dg partial derivative of quantity f with respect to g
f vector
f T transposed vector f
|/l absolute of f (Euclidean norm)
f ratio of quantity f = fa/fe, f= fe/ fr, f= fi/f2
erf(f) error function of quantity f
In(f) logarithmus naturalis of quantity f
f g scalar product of vectors f and g
F(9) mathematical function depending on quantity g
> B f sum of f over g elements
f1° evaluation of quantity f at position g
min(f, g) minimum of quantities f and g
S gravitational acceleration, § = 9.81m2/s
m mathematical constant 7 ~ 3.14159
arctan(f) arcus tangens of f
Abbreveations
Symbol Explanation
aexp adapted experimental data
B back
BD back vortex in the disperse phase
CAS chemical abstract service
corr correlation
exp experimental data
EWF extended wall film
F front
FD front vortex in the disperse phase
FEP Flourinated-Ethylene-Propylene
GAMG Gauss-algebraic-multi-grid
IF interface
MBD main and back vortex in the disperse phase
MCD main and front vortex in the disperse phase
MC main vortex in the continuous phase
MD main vortex in the disperse phase
MWEFEC main vortex and wall film in the continuous phase
PCTFE Polychlortriflourethylen
PEEK Poly-Ether-Ether-Ketone
PISO pressure implicit with splitting of operators
SB saddle point at back
SF saddle point at front
sim simulation data

WF

wall film
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